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ABSTRACT

Characteristics of the drying process of granular materials in the fluidized bed system has
been studied. Experimental and theoretical approaches are used to undertake the study.
Experiments are conducted in the laboratory scale fluidized bed to investigate the effect
of the swirling outlet of air from the distributor plate, and the effect of initial moisture
content of materials on the hydrodynamics of fluidized bed.

Digital signal processing of pressure fluctuations is used to understand and analyze the
effect of swirling induced distributor plate on the hydrodynamics of the bed. The results
obtained from the power spectral density function, autocorrelation, and probability
density function analyses of pressure fluctuation signals show that the swirling induced
distributor plate may significantly improve the contact efficiency of the fluidized bed by
reducing the bubble size, in the case of shallow bed or low density materials in the bed.

Experimental investigations on the fluidization of moist material reveal that the moisture
content of the bed material is directly proportional to the bed pressure drop. The pressure
drop vs. velocity curve for wet particles exhibits a different pattern from that of the dry
particles case. Also, increasing the moisture content of materials increases the minimum
fluidization velocity because of the existence of interparticle adhesive force caused by
liquid bridge of isolated capillaries. It is also found the pressure drop along the fixed bed
of moist particles is smaller than the one for dry bed, suggesting the existence of
microchannels in the beds.

In the theoretical section, a comprehensive mathematical model for simulation of
simultaneous heat and mass transfer in fluidized bed drying is developed. The model
considers the presence of different phases inside the bed, and their physical variation
along the bed. A set of coupled non-linear partial differential equations is employed to
accurately model the drying process without using any adjustable parameters. A



numerical code is developed to solve the governing partial differential equations using a

control volume based discretization approach.

Results of the model predictions show very good agreement with a large number of
experimental data obtained in the drying of two types of grains (wheat and corn). The
agreement of model prediction and experimental data indicates that the model is fully
predictable for drying of other materials in the fluidized bed with no restriction in the
range of operational condition such as the air temperature and the relative humidity. The
model can be applied to the other type of processes such as spouted bed and fixed bed
drying with slight modification.

It is found that the drying of grain materials is usually controlled by internal mass transfer
parameters. The inlet air temperature has an important effect on the magnitude of drying
rate while the gas velocity and bed hold up do not show significant contribution on the
drying rate. The initial moisture content of the bed materials can have an important effect
on the drying rate depending on the physical properties of bed materials.

Different schemes for increasing the thermal efficiency of fluidized bed drying are
introduced in the mathematical model including the recycling and intermittent schemes. It
is found that the recycling scheme may increase the thermal efficiency of fluidized bed
system substantially without considerable increase in the drying time. Intermittent
scheme can also improve the thermal efficiency of the fluidized bed and the quality of
dried products. The amount of increase in thermal efficiency depends on the
intermittency scheme, but it is usually lower than the recycling scheme.



CHAPTER 1
Introduction

Of all the unit operations used by the process industries, drying is probably the oldest and
the most common one found in diverse fields such as agricultural, chemical, food,
pharmaceutical, pulp and paper, mineral, polymer, ceramic, and textile industries.
Industrial dryers consume a significant fraction of the total energy used in many
manufacturing process, on average some 12%. For an individual dryer, energy costs
account for the bulk of the overall costs, typically some 60-70% [Bahu, 1991]. At the
most fundamental level, the process of drying requires latent heat of vaporization to
evaporate moisture. Considering the cost of fuel and its heating value, it is easy to see

how important the rate of energy consumption is in any type of drying process.

Despite this intensive energy consumption, and even after more than half a century of
investigation at universities and in industry, the drying of wet solid is still as much art as
science [Cook, 1997]. This is so because drying is one of the most complex and least
understood operations which often involves simultaneous and coupled multiphase flow,
and there are difficulties and deficiencies in the mathematical description of the
phenomenon of simultaneous and coupled heat, mass, and momentum transfer in solid

media.

Fundamental research with the aid of mathematical modeling and numerical simulation
provides an extremely powerful and cognitive tool for investigating the complicated
physics that evolve during the drying of wet porous materials [Turner and Mujumdar
1997]. The results of this simulation can be used subsequently by drying engineers and
practitioners to guide further experimental design, and perhaps most importantly, to
provide a better understanding of the drying process as a whole. The strategy of modeling
followed by system optimization and overall experimental validation of the results is a
cost-effective and efficient method for furthering drying technology.



In the past, analytical solutions to this problem were confined to simple drying
configurations and were valid only under a very stringent set of assumptions. In general,
numerical simulation is the only possible solution strategy which can overcome the
inherent nonlinearity of governing set of partial differential equations. Due to tremendous
increase in computational capabilities, the possibilities for obtaining fast and accurate

solutions to many of the previously intractable drying problems are becoming a reality.

However, the way of developing an efficient and effective solution strategy for the drying
equations is by no means straightforward. There are numerous stumbling blocks which
should be overcome before the implementation task is completed. For example, some of
the more formidable tasks are: identification of the best discretization strategy to use,
solution of the nonlinear set of equations, convergence criteria, grid generation, time step
control, experimental validation, and, finally, the best means of graphically visualizing
the results. One of the main objectives of this work concerns the analysis and state-of —
the-art numerical methods that can be used to assist with the implementation of the
above-mentioned tasks.

1.1 Principles of Drying
When a wet solid subjected to thermal drying, two processes occur simultaneously
[Mujumdar, 1987];

1. Transfer of energy from the surrounding environment to the solid to evaporate the
surface moisture. This depends on external conditions i.e. air temperature, humidity,
velocity, pressure, and the exposed surface area.

2. Transfer of internal moisture to the surface of the solid and its subsequent evaporation
due to process 1. This is a function of physical properties of the solid, the
temperature, and its moisture content.



The rate at which drying is accomplished is governed by the rate at which the two
processes proceed. In a drying operation, any one of these processes may be the limiting
factor governing the rate of drying, although they both proceed simultaneously
throughout the drying cycle. Measurement of sample temperature during drying can help
to identify whether a process is controlled by energy (external) or mass (internal) transfer.
A sample temperature equal to the wet bulb temperature of the surrounding medium is
characteristic of energy transfer control. If the sample reaches the dry bulb temperature of
the drying medium, mass transfer control is suggested. Usually, when the first process is
the limiting factor, namely transfer of energy from the surrounding environment to the
solid, drying takes place at a constant rate and is known as constant rate drying. If the
second process is the limiting factor, namely transfer of internal moisture to the surface
of the solid, drying takes place at a logarithmiclly decreasing rate and is known as falling
rate. Existence of any of these two process depend on many parameters such as type of
material, moisture content, sorption isotherm, diffusion coefficient and other transport
coefficients. The critical moisture content occurs between the falling rate period and the
constant rate period [Hall, 1980]. The critical moisture content is the minimum moisture
content of the grain that will sustain a rate of flow of free water to the surface of the grain
equal to the maximum rate of removal of water vapor from the grain under the drying
conditions. The critical moisture content can vary with air temperature and the properties

of the material.

Generally, non-hygroscopic materials dry mostly at a constant rate period and have short
time of falling rate period at the end of the drying process. Moisture in this type of
materials is not bonded (i.e. it is free moisture) and exists inside the relatively large size
pores inside the particles. Therefore, the vapor pressure of the moisture is identical to the
saturated vapor pressure of water.

On the other hand, hygroscopic materials dry mostly in the falling rate period and have
only a very short time of constant rate period initially. Moisture for this type of material



is bonded inside the material (bound moisture), and therefore, its migration to the surface
can not takes place easily. If the moisture content is lower than a specified value the
vapor pressure of moisture is not identical to the saturated vapor pressure, and should be
specified through the sorption isotherm.

Different mechanisms have been proposed for moisture migration inside the particle in
the falling rate period such as [Brooker et al., 1974, and Waananen et al., 1993]:

Liquid movement due to surface forces (capillary flow),
Liquid movement due to moisture concentration differences (liquid diffusion);
Liquid movement due to diffusion of moisture on the pore surface (surface diffusion);

WD -

Vapor movement due to moisture concentration differences (vapor diffusion);

Modeling of the drying process is complicated because more than one mechanism may
contribute to the total process, and the contribution of different mechanism may change
as the drying process proceeds. The development of a generally applicable drying model
requires the identification and inclusion of all contributing mechanisms. Most models
apply the liquid diffusion mechanism with sufficient accuracy.

1.2 Fluidized Bed Drying

Fluidizing with hot air is an attractive means for drying many moist powders and granular
products. The first commercial unit was installed in the United States in 1948 to dry
dolomite [Becken, 1960], and currently this technique enjoys widespread popularity for
drying grain, chemicals, pharmaceutical, polymer, mineral and many other industrial
products. The main advantages offered by this technique of drying are as follows:

(1) Rapid mixing of solids leads to nearly uniform moisture content and temperature of
solids throughout the bed.



(2) The lack of moving parts results in the low maintenance cost and low equipment
costs.

(3) The fluidity of particles provides an excellent condition for handling and moving the
particles under automatic or manual control.

(4) Heat transfer rate between fluidized particles and any submerged surface is very
high, thus enabling the use of the heating or cooling surface to improve the process
efficiency.

(5) High thermal efficiency when using newer designs of fluidized bed such as steam
fluidized bed, indirect heating fluidized bed by using heating surfaces, vibrofluized
bed, combined fluidized bed and spray drying

The main disadvantages or limitations of fluidized bed dryers are as follow:

(1) There is excessive loss of kinetic energy due to high superficial gas velocity.
(2) The material being dried must be fluidizable.
(3) Some fragile materials might break due to attrition and intense mixing.

Although fluidized bed drying systems are extensively used in different sectors of
industries, fundamental research on fluidized bed drying has not made similar progress
and the design of an industrial fluid bed dryer is still very much an art based upon
empirical knowledge [Hovmand, 1987]. Most of the models presented in the literature
use many simplifications to solve the governing equations analytically and those works
which used the numerical solution consider many other assumptions which may not
present a through analysis of drying process and what is required in the industrial
designs. Much more work on the detail analysis of different fluidized bed drying system
is necessary to increase our understanding from processes involved in this technique.

In this work, all processes taking place inside the fluidized bed, and other related
parameters that are important from practical point of view are considered in the analysis



of drying process. This approach will provide a more comprehensive picture about the
effective variables and factors during the process of drying and may shorten the gap
between fundamental research and practical design in fluidized bed drying.

1.3 Scope of the Study
This study is carried out in two separate but interrelated sections, (a) experimental
section, (b) theoretical section. The components of experimental section are as follow:

1. To design and build a swirling induced distributor plate and investigate its effect on
the hydrodynamic of fluidized bed.

2. To investigate the effect of moisture content of particles on the hydrodynamic of
fluidized bed.

3. To provide experimental data on the drying kinetics of grains in fluidized bed (wheat
and comn) in order to evaluate the results of mathematical model and also introduce

reliable data for other researches in this area.

The theoretical part of the study includes:

1. The development of a comprehensive mathematical model for simulation of fluidized
bed dryers.

2. The investigation of the effect of recycling scheme on the kinetics of drying and the
thermal efficiency of fluidized bed.

3. The investigation of the effect of intermittent scheme on the kinetics of drying and the
thermal efficiency of fluidized bed.

4. The development of a reliable and stable numerical code for solving the set of
governing partial differential equations of drying process under different schemes.

The overall research program is outlined in Table 1.1.



Table 1.1 Overall research program on the fluidized bed drying system.
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CHAPTER 2
Literature Review

2.1 Introduction

This chapter provides a brief review of pertinent works with respect to the experimental
investigations and mathematical modeling of the fluidized bed drying systems. It is
crucial to have an understanding of previous works in these areas so that we can build
upon these contributions to develop a better and more precise model for this type of

dryer.

Literature review on the effect of swirling induced distributor plate and moisture content
of particles on the hydrodynamic of fluidized bed is discussed separately in the

introduction section of corresponding chapters of this thesis.

2.2 Prior Works in Fluidized Bed Drying

One of the primary works in fluidized bed drying belongs to Vanecek et al. [1966]. They
proposed a design procedure for fluidized bed dryers based merely on the total heat and
mass balance of the whole apparatus, and on the results of some runs with granular
material in a laboratory-scale unit. In fact, the fluidized bed has been treated as a
homogenous system, without considering bubbles, and its interactions in the bed.
Hoebink and Rietema [1980a) developed a model for fluidized bed drying and described
the heat and mass transfer between the dense phase, the cloud, and the bubbles with the
assumption of no diffusion limitation inside the solids. They described the moisture
transport between particles and gas with a single and constant overall mass transfer
coefficient which is useful for constant rate drying. In their second model, Hoebink and
Rietema [1980b], extended the first model to include a more general case where due to a
severe diffusion limitation inside the particles, the concept of a constant mass transfer
coefficient was no longer adequate to describe the moisture transport of solids. However,
mass transfer was considered to be fast in the dense phase, and also equilibrium between



the solid particles and interstitial gas was assumed. Reay and Allen [1982] developed
simple rules for estimating the effect of bed depth, gas velocity and bed temperature on
fluidized bed drying curves. Furthermore, they proposed a procedure for simulating the
performance of a continuous well-mixed fluid bed dryer from batch tests under
isothermal inlet conditions. They verified it experimentally for iron ore, ion exchange

resin and wheat particles.

Plancz [1983] proposed a mathematical model for continuous fluidized bed drying by
employing a Kunii-Levespiel type, three-phase model inside the bed. The bubble phase
was assumed to be in plug flow while the interstitial gas, as well as the solid particles was
considered to be perfectly mixed. He assumed a simplified lumped model for solid
particles and studied the effects of the process parameters on the moisture content of
solids. However, he mentioned that the lumped model for solid particles was not realistic
and recommended to improve the lumped particle model by taking into account the
internal resistance to the heat and mass transfer inside the moisture solid. Uckan and
Ulku [1986] studied the effects of air temperature and velocity on the comn drying in a
batch fluidized bed and developed a model based on the diffusion theory. They suggested
an empirical formula for the drying of corn based on the results of their model and
experimental finding. The authors found out that the drying medium velocity had no
particular effect on the drying rate and the dominant factor in corn drying was diffusion
controlled. In their model, they assumed that the drying air left the bed in mass and
thermal equilibrium with the grain, and that the presence of bubbles and their interactions
with other phases was ignored.

Alebregtse [1986] presented a model for hydrodynamics and mass transfer for constant
rate drying in a fluidized bed in which the heat and mass limitation was not inside the
solid particles. He considered the interaction of bubble phase, interstitial gas phase and
solid phase based on the two-phase theory of fluidization. He reported that above a
certain bed height the drying rate was almost a reciprocal function of the bed height and
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the catchment area of distributor plate. He mentioned that the model had two
shortcomings. The first one is the major assumption of the two-phase theory of
fluidization, which is not a reliable model for large size particles. The second
shortcoming is that the model does not account for the difference in fluidization
behaviour for wet and dry products. Giner and Calvelo [1987] studied drying of wheat in
batch fluidized bed dryer and proposed a model similar to Becker and Isaacson [1970]
model. They used the kinetic parameters, obtained from the thin-layer experiments, in
their model, and showed that drying times could be decreased fourfold by raising the air
temperature from 40 °C to 70 °C. They suggested that in order to increase the thermal
efficiency, inlet air temperatures much higher than the critical temperature (temperature
at which damage to the internal structure of grain may take place), could be used without
deterioration of grains during the first stage of drying and then reduced the temperature to
the specified value. They proposed using the recirculation of air as a means to improve
the low thermal efficiency of the drying process. They, however, did not consider the
presence of bubbles inside the bed and assumed a thermal equilibrium model between gas
and gas. Chandran et al. [1990] presented a model for the drying kinetics of solid
particles in batch fluidized bed dryer incorporating a constant rate period followed by a
falling rate period. They combined the drying kinetics and the residence time density
function appropriate for the mixing of solids in the bed to predict the average moisture
content of the products for a continuous fluidized bed. They reported a satisfactory match
between the experimental data and the model predictions for single and spiral fluidized
bed.

Abid et al. [1990] performed an experimental and theoretical analysis of the mechanism
of heat and mass transfer during drying of com in a fluidized bed containing inert
particles. They used the principle of irreversible thermodynamics in their model. They
accounted for the transfer of water by diffusion under the influence of a concentration
gradient of the moisture, and by thermodiffusion under the influence of a temperature
gradient. They found the external conditions such as the humidity and velocity of the gas
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have only a small effect on the rate of drying. By a sensitivity analysis for the coefficient
of thermal gradient, they verified that the transfer of water by thermodiffusion was
negligible compared to the one by ordinary diffusion.

Stakic and Milojvic [1992] developed a numerical simulation of heat and mass transfer in
fluidized bed drying using a control volume method to discretize the differential
equations. They used the classic two-phase theory of fluidization for the hydrodynamics
of fluidized bed, and a known equation from the drying kinetic for mass transfer of
particles. They reported a successful match between the results of the mathematical
model with the experimental data available in the literature and with their own
experimental results for which unrefined sugar was used. Thomas and Varma [1992]
proposed a pseudo-steady state receding core model for drying kinetics of granular
cellular materials —green pepper, black pepper and mustard. They indicated that
intraparticle diffusion controls the drying process and the falling rate might be nonlinear
depending upon the nature of material. They predicted the performance of the continuous
fluidized bed drying from the kinetic data obtained, using a batch fluidized bed dryer and
assuming ideal mixing of solids. Hemati et al. [1992] studied the drying of maize in a
flotation fluidized bed, where the corn kernels were immersed in a hot fluidized bed of
sand particles. They used an intermittent scheme to increase the efficiency of the bed and
reported that under isothermal conditions it leads to 50% reduction of energy

consumption.

Srinivasa Kannan et al. [1994] presented a model for drying of solids in a batch fluidized
bed considering the heat and mass transfer among the bubble, interstitial gas, and solid
phases. They used an analytic solution of diffusion equation to predict the moisture
distribution inside the particle with the assumption of uniform temperature for solids in
equilibrium with the interstitial gas (equilibrium model). They studied the effect of
different experimental conditions, such as the temperature and flow rate of the air, the
initial moisture content of solids, and solids hold dp on the drying of material such as
millet, ragi, and poppy seeds. They reported a good agreement between their model and
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the experimental data and concluded that heat transfer is the controlling mechanism
during the constant rate period, while intraparticle diffusion of moisture controled the
falling rate period. However, they used a simplified model for mass and energy equation
of interstitial gas and bubble phases. They also used the equilibrium assumption between
gas and solid particles and evaluated the effective diffusivity of the solid particles by
matching the experimental data with the model. Srinivasa Kannan et al. [1995]
experimentally investigated the fluidized bed drying of solids in the constant and the
falling rate. They compared the performance of batch and different types of continuous
fluidized bed dryers. They reported the spiral fluidized bed dryer has an advantage over
the single-stage continuous dryer and that of multistage dryers over the batch fluidized
bed dryer.

Zahed et al. [1995] presented a model for a fluidized bed dryer with allowance for the
diffusional moisture transport in the particles and for interstitial gas-to-particle mass
transfer within the dense phase, as well as interphase exchange resistance between gas
bubbles and the dense phase. They predicted the bed temperature and moisture content of
the solids under various batch drying conditions. They did not conducted experiments to
verify their numerical results and also could not compare their results with experimental
results in the literature since they reported a few experimental data published on fluidized
bed drying and those that had been published did not allow adequate information for
comparison. However, like Srinivasa Kannan [1994], they neglected the unsteady term in
the mass and energy equations for interstitial gas and bubble phases and also assumed a
thermal equilibrium model and constant bubble size.

Ciesielczyk [1996] used the Kunii-Levenspiel bubbling bed model to calculate the
interfacial coefficient of heat and mass transfer in the constant rate period of fluidized
bed dryers. Alvarez and Shene [1996] presented a methodology to estimate the heat
transfer coefficient using drying data in the constant rate period. They reported a much
lower heat transfer coefficient than those reported in the literature. Theologos et al.
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[1997] developed a model based on two-phase flow theory which consisted of the full set
of partial differential equations for describing the conservation of mass, momentum, and
energy for the solid and gas phases. However, they did not use the partial differential
equation for mass and heat transfer inside the solid. Instead they used the drying kinetics
model of Maroulis et al. [1996). They used the PHONICS software to solve the set of
partial differential equations and predicted the pressure drop, bed void fraction,
temperature distribution in gas and solid phases as well as air humidity and particle
moisture in the fluidized bed.

van Ballegooijen et al. [1997] developed a numerical model for the prediction of the
drying process in a fluidized bed dryer of materials with diffusion limited behaviour.
They compared the results of the numerical model with laboratory experiments for silica-
gel particles and found a large discrepancy. They attributed this difference to wrong
diffusion coefficient for silica-gel and proposed a diffusion coefficient to match their
results with the experiments. Kiranoudis et al. [1997] designed a procedure for fluidized
bed and rotary dryers to optimize the total cost of each system for a given production
capacity. They used a simple mathematical model to describe the convective drying
process for both types of dryers. Rotary dryers turned out to be rather expensive
compared to fluidized bed dryers, regarding design structure. On operational grounds,
however, it was the other way around due to the understandably favored heat transfer
achieved in rotary dryer. They used both food products and inorganic material to test the
effectiveness of the approach.

Soponronnarit et al. [1997] investigated the drying characteristics of corn in a small batch
fluidized bed dryer. They recycled a fraction of the air to increase the thermal efficiency
of the bed. They tried many empirical thin layer drying equations to correlate with their
experimental results and found that the Wang and Singh [1977] equation could describe
the results with sufficient accuracy.
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Grabowski et al. [1997] experimentally examined the drying of yeast in a laboratory scale
fluidized bed and spouted bed dryers. They reported that the spouted bed needed about
25% higher flow rate than the fluidized bed. However, they found that, based on
fluidization and spouting behaviour, drying kinetics, and viability determination, drying
in a spouted bed or combination of spouted bed and fluidized bed was better than only
fluidized bed. Jumah et al. [1997] studied the effect of different intermittent schemes on
the average moisture content of the particles in a novel rotating jet spouted bed drying
system. They showed that significant energy and quality advantages may accrue from

intermittent drying of heat sensitive particles.

A close examination of the previous modeling studies revealed that many assumptions
have been made in order to simplify the analysis of drying process. First, in almost all of
the works it has been assumed that for all particle groups with different specifications, the
hydrodynamics of the fluidized beds is identical and the two-phase theory of fluidization
can be used for the modeling purpose. Also, the bubble diameter and velocity are
assumed to be constant along the bed height. These assumptions are at odds with the well
recognized fact that the hydrodynamics of a fluidized bed is dependent on particle
specifications and each particle group manifests its own behaviour in the bed. It is a well-
known fact that the two-phase theory of fluidization is suitable for group A particles and
cannot be used for other particle groups without a significant error. Geldart [1986]
reported that the application of two-phase theory for group D particles, the group that is
mostly used in drying processes, resulting up to 50% error in the bubble flow rate.

Second, in most of the works the temperature variation of the air along with the bed is
neglected and a uniform temperature is assumed. Furthermore, the variation of air
temperature with time is also neglected in order to come up with analytic solution. The
assumption of uniform temperature for air is not a precise assumption in the initial period
of drying. It should be noted that one must distinguish between the temperature of
particles and the temperature of air inside the fluidized bed. A uniform particle
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temperature inside the bed can be assumed at any time due to high mixing rate of
particles. For the air the assumption of uniform temperature is not valid at least for the
initial period of drying. This assumption is important from this perspective that in the
initial period of drying, the drying rate is usually very high and is close to the maximum

drying rate. Any simplification may produce significant error in the results.

Third, in many of the works the diffusion equations are not used in the conservative form
but are manipulated to take a simplified form with a constant effective diffusion
coefficient. This assumption may have considerable effect on the results, since the
diffusion equation plays a fundamental role in the moisture content distribution inside the
particle. It is recommended to use the equation in its most general and exact form
satisfying the conservative properties of the materials and avoid any simplification for the
diffusion coefficient [Patankar, 1980].

Fourth, it is assumed that the fluidized bed is deep enough to assure thermal equilibrium
between the particles and the air leaving the bed and also the temperature gradient inside
the particles can be neglected. With these assumptions, there is no need for a single
particle heat transfer equation and the exit air temperature is taken to be equal to the bed
temperature. Although these assumptions may be valid for some particles, it is more
accurate to use separate energy equations for each phase, and also consider the variation

of temperature in the solid phase.

The above mentioned simplifications are not employed in this work, instead a
comprehensive mathematical model is presented which considers the interaction of all
important factors inside the bed. Since this model considers the details of heat and mass
transfer inside the bed and does not contain any adjustable parameters, it can be used with
more confidence and reliability in simulating the drying process in the fluidized bed. The
model with a slight change can also be used for fixed bed drying, spouted bed drying and
steamed fluidized bed drying.
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CHAPTER 3
Equipment, Materials and Procedure

In this chapter the equipment, material and procedure used in conducting the various
experiments are described. The experimental setup, used in conducting tests on the
swirling induced distributor plate is different from the rest of the work, therefore, it is

described separately in the corresponding chapter (chapter 4).

3.1 Experimental Setup

Figure 3.1 shows the schematic of the laboratory scale fluidized bed dryer system
designed and constructed to conduct the experimental part of this study. Air is supplied
via a root blower and then passed through a 2.5 kW heater. The exit temperature of air
from the heater is maintained constant using a PI control system within +1°C. The air
then reaches a precalibrated orifice plate, placed downstream from the heater to measure
the air flow rate. The pressure drop across the orifice plate is measured using a
differential pressure transducer with the range of 0-10 inch of water (Omega, PX-164-0-
10D5V). The air then enters the plenum which is filled with Rasching rings to evenly
distribute the air flow before passing through the distributor plate. The distributor plate is
constructed from Plexiglas of 6 mm thickness, with 666 holes of 2 mm diameter arranged
in a triangular pattern, resulting in 8% free area. The pressure drops across the distributor
plate and the bed is measured by another differential pressure transducer (Omega, PX-
164-0-10D5V).

The cylindrical bed column is made of Plexiglas with a wall thickness of 7 mm, an
internal diameter of 175 mm, and an overall length of 1200 mm. Copper-Constantan (T
type) thermocouples are used to measure the temperatures at the inlet and outlet of the
bed as well as locations at 20, 40, 65, 105, 145, 185 and 730 mm above the distributor
plate. The wall temperature is measured at 50 mm above the distributor plate on the inner
side of the column. All thermocouples were the same type and their specifications are

given in Table 3.1.
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The relative humidity of the exit air is measured by using humidity transducer (Vaisala
HMD 20UB), located before the exit. It is calibrated using solutions with different vapor
pressures and equilibrium relative humidity. The specifications of humidity transducer

are given in Table 3.2.

17.5em

Fiuidized Bed Drying Experimental Setup

Figure 3.1 Schematic diagram of experimental setup.



Table 3.1 Specifications of thermocouples.
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Type Material Probe Mazximum Length Junction Type
Diameter Temp.
T Copper-Constantan 1/8 inch 204 °C 12 inch Exposed
Table 3.2 Specifications of humidity transducer.
Type RH Range | Temp. Range Accuracy Sensor Output
Signal
Vaisala, 0-100% 20-80°C 12 RH from 0-90% HUMICAP 4-20 mA
HMB 20UB 13 RH from 90-100% | Capacitive
thin-film

3.1.1 The Heater

An electric heater is used to heat the inlet air to the desired temperature. It is made of 5
fin strip heaters, each 500 W, encompassed in an insulated sheet metal frame. Each heater
can be controlled separately. One of the heaters is looped through the PI control system to
control the heat supply to the air for maintaining a constant air temperature. The inlet air
temperature is continuously sampled and compared with the set value temperature, and
depending on the comparison, the power supply to the heater is adjusted through a solid
state relay.

3.1.2 The Balance

A digital balance, Mettler Hk 160, is used to measure the weight of samples during the
experiment runs. The accuracy of the balance is 0.0001 gr. The maximum admissible
weight of the balance is 160 gr.

3.1.3 Data Acquisition System
All the signals from the thermocouples, pressure transducers, and humidity transducer are
acquired simultaneously every 2 seconds by using the data acquisition board (National
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Instrument Corp, Model AT-MIO-64E-3) and LabView software and stored in a desktop
computer for subsequent analysis.

3.2 Material Properties

3.2.1 Wheat

Red-spring wheat is used as one of the test materials. The wheat kernel is approximately
ellipsoidal in shape with a thread in the direction of longer diameter. In this study,
however, for simplicity of the numerical solution the wheat kernel is assumed to be
spherical with an average diameter of 3.66 mm and density of 1215 kg/m*. The moisture
diffusion coefficient of wheat is given by Becker [1959],

D=—_exp 22140 (.1)
1305 T,

Thermal conductivity and specific heat of wheat are given in [Kazarian and Hall, 1965],

k —01167+01318[ M’ ] 3.2)
! 1+M, '
M
C_ =1398.3 +4090. £ J (3.3)
P Z(HMP

Several correlations for the sorption isotherm of wheat have been proposed in the
literature. One of the popular correlation is the Henderson [1952] equation. In this study a
modified version of Henderson correlation developed by Fortes et al. [1981] is used:

RH = [f > =1-exp(- 5869T;°-‘"’M;’°""”°) (34)

sat
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Figure 3.2 Sorption isotherm of wheat particles at different temperatures, based on Fortes et al.
(1981) equation.
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Figure 3.3 Comparison of sorption isotherm curves of different authors.

Figure 3.2 shows the sorption isotherm of wheat particles at different temperatures based
on Fortes et al. (1981) equation. Sorption isotherm equations proposed by Chung [ASAE
Standard, 1992] and Henderson [ASAE Standard, 1992] for wheat were also tried in the
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numerical program and the results did not show a significant difference. Figure 3.3 shows
the comparison of sorption isotherm suggested by different authors. The critical moisture
content of wheat is between 69% and 85% dry basis based on temperature range of 10 °C
to 90 °C [Simmonds, 1953]. In this work, however, the moisture content of wheat

particles in all the drying experiments were below the critical moisture content.

3.2.2Corn

Shelled corn is used as the second material for drying tests. The corn kernel is found to
have a shape factor close to the unity with an average diameter of 6.45 mm and the
density of 1260 kg/m’. The moisture diffusion coefficient of corn is given by Chu and
Hustrulid [1968],

D=4203x10" CXP[(— ZTSBJ +(0.0457, - 5.485)\'1,:I (3.5)

P

Thermal conductivity and specific heat of wheat are given from [Kazarian and Hall,
1965],

k —01409+01120{ M, J (3.6)
! 1+M, '
M
C =1465.0+3560.0( L4 J (3.7
P 1+M,

The equation for sorption isotherm is given by Pfost et al. [1976],

RH = ;:; = 1- exp[8.6541x 107 (100M , }** (T, + 223 4)) (3.8)
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3.3 Method of Grain Conditioning

In order to simulate conditions of newly harvested grain, water was added to the material
to raise its moisture content. The grain has initially a moisture content of 10-13% on a
dry basis and this was raised to 24-41% on a dry basis. The conditioning procedure used
in this work, developed by Becker [1960], is carried out by filling a plastic bucket with
necessary amount of grain. The calculated amount of water was added to raise the
moisture content to the desired value and at the same time the grain was mixed by a
mechanical agitator. The grain was stored at room temperature for 48 hours with repeated
mixing at periodic intervals. The bucket of grain is then stored in a refrigerator at 5-7 °C,
until drying time, to prevent degradation or germination of the grain. Generally, the
storage time was between 3-5 days and after that the sample was used in the experiment.

3.4 Moisture Content Determination of Grain

The moisture content of the grain was determined by a standard method developed by the
American Society of Agricultural Engineers, ASAE Standard: $352.2. Table 3.3 shows
the sample weight and temperature and time of drying,

Table 3.3 ASAE standard for drying of the grains.

Grain Weight of Sample Temperature +1 °C Drying Time
Wheat 10 gr. 130°C 19 hours
Com 150r 100 gr. 103 °C 72 hours

*Use 100 gr. if moisture exceeds 25%.

Aluminum dishes with tightly fitting covers was used to hold the samples for
measurement in the balance and drying in the oven. They were first weighed empty and
after taking the samples they were weighed again, before putting in the oven. After
drying in the oven they were cooled in the desiccator and then weighed again. All
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moisture contents referred to in this work are on a dry basis. The moisture content on a

dry basis is calculated by:

M = 39
= (.9)
where: Wg= weight of grain before drying
W 4= weight of grain after drying
M = moisture content of grain on a dry basis
The moisture content on a wet basis is given by:
M, = M, (3.10)
e M '

The air oven is a standard gravity-convection oven, used to dry the particle samples for
measuring the moisture content. Its temperature range is 40-200 °C with accuracy +1 °C.

3.5 Drying Run Procedure

Before each drying run a sample was taken out from the conditioning bucket for
determination of the initial moisture content. In order to bring the bed to a uniform
working condition, hot air is blown through the bed for about one hour before it is
charged with the material (this is not necessarily required for the drying test, since the
mathematical model can also predict the nonuniform working condition in the bed). In
the meantime, the material to be dried is weighed and recorded. After the bed reached the
required temperature and stabilized, the air supply and power to heater was turned off and
the material was charged into the bed as quickly as possible. The air supply and heater
power were then reinstated and the pressure drop across the distributor and the bed at the
corresponding gas velocity were measured. Temperature, pressure, humidity, and
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velocity readings are taken continuously every 2 seconds from the bed by the data
acquisition system. Since the thermocouples and the humidity transducer were exposed to
hot air before the start of the drying process, there might be some experimental errors in
the initial reading of them. This is because the transducers cannot rapidly adjust
themselves to the new condition in the bed after material was charged into the bed. The
material samples are withdrawn from the bed at 0, 1, 2, 4, 7, 10, 15, 20, 25, 30, 35, 45,

55, 65, 75 and 85 minutes to measure the moisture content and the other variables.
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CHAPTER 4
Effect of Swirling Induced Distributor Piate on Hydrodynamics of Fluidized Bed

4.1 Introduction

One of the key parameters affecting the successful operation of fluidized beds is the
distributor plate. It is known that the efficient and stable operation of fluidized bed is
sensitively controlled by the design of the gas distributor [Masters, 1993]. The
hydrodynamics of flow in the dense phase, quality of gas dispersion, bubble size and its
behaviour, gas-solids contacting, residence time distribution of gas, solid movement and
mixing pattern are some of the aspects that are affected by distributor plate design.
Among these, gas-solid contacting requires special attention especially in groups B and
D particles, where the bubble size may grow up to large diameter and cause slugging in
the bed, and consequently poor gas-solid contacting. In fluidized bed drying applications
most of the materials belong to groups B and D particles, therefore, the existence of large
bubbles in the bed are most likely if the conventional types of distributor plate is used.
Bubble size and its frequency have a significant contribution on the performance and
characteristics of fluidized bed. Large bubbles may considerably reduce the contact
efficiency inside the bed. Therefore, it is very important to prevent coalescence of the
small bubbles and formation of large bubbles in the bed. This can be achieved largely by
modifying the distributor plate design or its outlet geometry. It is desirable to design a
new type of distributor plate or new design for the outlet geometry of the gas from the
distributor plate, in order to improve the hydrodynamics of the bed without losing the
advantage of high mixing rate in the bed. The aim is to reduce the size of bubbles inside
the bed, and consequently the slugging effect, by forcing more gas flow into the
emulsion phase. This is important not only in fluidized bed drying systems, but also in
other type of fluidized bed application.

A new design for the gas outlet from the distributor, which is called swirling induced
distributor plate or swirling outlet geometry, was developed for improving the gas-solid
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contact efficiency. Since the effect of this type of gas outlet geometry has not been
studied yet, therefore, it is required to investigate the overall effect of this outlet
geometry on the hydrodynamics of fluidized bed. This chapter describes the work
undertaken to study the effect of distributor-generated swirl flow on the overall bed
hydrodynamics.

In spite of the well recognized importance of the distributor plate on the hydrodynamics
of the grid zone and the bed, limited information is available on the effect of gas outlet
geometry. Most works, Basu [1984], Saxena et al. [1979], considered the effect of hole
diameter, open area ratio and pressure drop on the general quality of fluidization.
Although, a few investigations about introducing different patterns of swirling flow in
fluidized bed are available, the effect of swirling outlet of gas from the distributor plate
on the hydrodynamic characteristics of fluidized bed has not been investigated.

Nieh and Yang [1989] developed a vortexing fluidized bed combustor to improve the
combustion intensity and turndown capability of conventional FBC boilers. They
injected the secondary air tangentially from the freeboard to form a centrifugal flow
field. Zayed and Hamdullahpur [1990], and Hamdullahpur et al. [1989] conducted
hydrodynamic and combustion experiments using tangential secondary air injection ports
in the freeboard. They observed significant reduction in elutriation, NOx, SO; and CO
emission and improvement in combustion efficiency as a result of two-staged
combustion and swirling flow pattern in the freeboard. Evans et al. [1989] used a spouted
bed, suitable for the processing large light particles subject to substantial cohesion or
interparticle attraction. They injected secondary air tangentially above the distributor
plate to promote rotational motion in bed. Lee et al. [1990] developed a two-stage swirl-
flow fluidized bed combustor to improve the combustion efficiency. They investigated
the swirling effect on the trapping rate, residence time and combustion rate of fines in the
upper stage of the two-stage combustor and reported a 20% enhancement.
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In the present study, a new distributor plate is developed to introduce swirling discharge
into the bed. Digital signal processing of pressure fluctuations is utilized to analyze the
behaviour of the bed. The pressure fluctuations in the bed are related to the bed
hydrodynamics and can provide an effective way for on-line diagnosis of the
characteristics of fluidized beds. Lirag and Littman [1971] studied the statistical
behaviour of pressure fluctuations in the fluidized bed and suggested that they are caused
by fluctuations in the bed height resulting from bubble ejection at the bed surface. Fan et
al. [1981] used an on-line approach for signal processing of pressure fluctuations to
determine the effects of gas velocity, bed height, particle size and distributor design on
the major frequency and amplitude of the fluctuations. Sadasivan et al. [1980] proposed
correlations for frequency and magnitude of maximum pressure drop fluctuations for
group B solids. They also presented a simple equation relating pressure fluctuations to
bubble diameter. Recently, Dhodapkar and Klinzing [1993] investigated the effect of gas
velocity, tap position and bed height on the frequency of fluctuations using frequency
domain analysis.

In the present work, a fast Fourier transform (FFT) and statistical analysis of pressure
fluctuations are used to investigate the hydrodynamic behaviour of swirling fluidized bed
(SFB). The results obtained are compared with results of the conventional perforated
plate.

4.2 Experimental Setup and Materials

Since the experimental setup used in this section is different from the other sections,
therefore, it is discussed separately. A schematic of the experimental setup is shown in
Fig. 4.1. The fluidized bed includes a bed column, distributor and plenum. The column is
cylindrical with 14.5 cm ID and 100 cm length made of Plexiglas to permit visual
observation. Two pressure taps (4 mm ID) are placed at 2.5 cm and 6 cm above
distributor plate to measure the pressure fluctuations while two others are used for the
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overall bed pressure drop measurements. The plenum is filled with wire gauze to assure

homogenous distribution of the gas before the distributor.

145 om

Figure 4.1 Experimental set up for analyzing the pressure fluctuation.

A 10 inch WG pressure transducer (Omega PX-162-010G) is used to measure pressure
fluctuations inside the bed. The pressure drop across the distributor plate and orifice plate
are recorded using a 27 inch WG (Omega PX-170-027D) and a 10 inch WG (Omega PX-
162-010D) differential pressure transducers respectively. The voltage signals from the
transducers are simultaneously acquired using a desk top computer with the Labview data
acquisition board (Model AT-MIO-64E-3, National Instrument Corp.). To prevent
aliasing in data acquisition, a scan rate (sampling frequency per channel) of 1000 Hz was
used. The sampling length (number of scan) of 4096 point is found to be a reliable
number for data acquisition. A computer code in graphical form is developed by using
the Labview software to calculate the power spectral density function, autocorrelation
and probability density and distribution functions. The data acquisition for each run is
repeated 40 times and their average is considered as a final reading. This allowed
approximately 160,000 points to be processed.
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Two different kinds of particles were used in the experiment, wheat and sand (Table 4.1).

According to Geldart’s classification, wheat and sand belong to group D and B,

respectively.

Table 4.1 Specification of particles used in the experiment

1 s

13mm

a

Figure 4.2 (a) Cross section of a tuyere, (b) Half hole layout of the distributor plate and gas outfet

direction.

Wheat Sand
d | 3.66mm 0.60 mm
pp | 1215kg/m” | 2610 kg/m’
Emf 0.4 0.48
Unns 1.0 m/s 0.302 m/s
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4.3 Distributor Plate Design

The distributor plate was built by placing tuyeres in a circular pitch. Each tuyere (Fig.
4.2a) issues a horizontal jet through a single opening tangential to the circular path as
shown in Fig. 4.2b. Arrows show the outlet direction of gas. The tuyeres can also be
arranged in rectangular or triangular pitch instead of circular pitch but in any case the
opening direction should be perpendicular to the radii to create a swirl pattern. For

circular pitch the distance between two tuyeres was obtained by:

L= 1.77‘-1;—' 4.1)

where do is hole diameter and ¢ is the open area ratio in the plate. To confirm the
existence of a vortex motion in the bed a test was run without particles in the bed. Using
small tracer particles, the vortex pattern of the gas inside the bed was clearly observed.
Following the design methodology given in Kunii and Levenspiel [1991], the total
numbers of holes in the distributor were found to be 96 each 3 mm diameter that give an
open area ratio of 4.2 in percent. For comparison of the result a straight hole perforated

plate distributor was used with the same specification i.e. the same open area and etc.

4.4 Theoretical Background

Pressure fluctuations inside the fluidized bed is a typical random time function which
cannot be predicted deterministically. In spite of the irregular and random character, the
pressure fluctuation exhibit some degree of statistical regularity, and certain averaging
procedures can be applied to establish gross characteristics useful in engineering design.
The following statistical concept is used to evaluate and analyze the efficiency and
performance of swirling induced distributor plates compare to the ordinary perforated
plate distributor.
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4.4.1 Probability Distribution
For a continuous stationary random variable x(t), the probability distribution represents
the fraction of total time that the variable is less than (more negative than) some specified

value, x; and can be shown as:

P(x,)= Prob [x(t)-< x,]
= lim 12 As,

1o t

4.2)

Probability density function is the probability of x(t) lying between the value x; and

x)+Ax, and is shown as:

p(x): Al,i,'_',‘o P(x +sz3-P(x) _ dZﬁx) @3)

It is evident that p(x) is the slope of the cumulative probability distribution P(x). From the

preceding equation, we can also write:

Plx)= | plelas @)

The area under the probability density curve, between two value of x represents the
probability of the variable being in this interval. Because the probability of x(t) being
between x=+wo is certain,

P()= [ plec =1 45)

and the total area under the p(x) curve must be unity.
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4.4.2 Correlation

Correlation is a measure of the similarity between two random variables x;(t) and xa(t). It
is a time-domain analysis useful for detecting hidden periodic signals buried in the
apparent random signals. If there are two records, x,(t) and xz(t), the correlation between
them is computed by muitiplying the ordinates of the two records at each time, t, and
determining the average value, by dividing the sum of the products by the number of
products. It is evident that the correlation so found will be largest when the two records
are similar or identical. For dissimilar records, some of the products will be positive and
others will be negative, so their sum will be smaller. In the autocorrelation the two
signals are the same but shifted by a time 1. If T=0, there is complete correlation, as t

increases, the correlation decreases. The autocorrelation is defined as:

Ts/2

R(r)= lim -‘S- [ + o) 4.6)

T -Ts/2

4.4.3 Power Spectral Density

The frequency composition of a random variable signal can be described in terms of the
spectral density of the mean square value. It is usually desirable to convert the time
domain signals to frequency domain to find out its frequency composition. The main
objective of this analysis is to find a relationship between the power spectral analysis of
the wall static pressure fluctuations with the state of fluidization. The power spectral
density function S(f) of a random signal x(t) is the Fourier transform of its autocorrelation
function, i.e.,

s(f)= fn(r).»-""dr @7
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Figure 4.3 Effect of bed height on minimum fluidization velocity of wheat.

4.5 Results for Low Density Materials (Wheat)

4.5.1 Minimum Fluidization Velocity

Figure 4.3, shows the bed pressure drop versus superficial gas velocity in swirling and
ordinary beds. Although it is widely accepted that Uy is independent of the bed height, to
investigate the effect of bed height on SFB, two different heights was used and Ugys was
measured the same for both heights. The experimental Uy is in good agreement with the
Umys obtained by known correlation (See Eq. 6.10 in chapter 6).

4.5.2 Signal Processing of Pressure Fluctuations

Pressure fluctuations analysis is used to investigate the effect of the tangential gas outlet
from the distributor opening. Pressure fluctuations have been used to define an index for
the quality of fluidization [Fan et al. 1981]. Within the bubbling and slugging regimes,
statistical analysis and correlation of pressure fluctuations have been used to infer bubble
and slug properties [Geldart, 1986]. The pressure fluctuations measurement are basically
the measurement of the time series of static pressure signals for a given period of time at
a specified scan rate. The pressure fluctuations in the bed depend on the internal
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dynamics of gas flow. The inhomogeneities in the bed (in the form of bubbles and slugs),
which is the result of the dynamic instabilities in the bed near the distributor plate, have a
complex relationship with the pressure fluctuation. The nature of these inhomogeneties
also affects the heat and mass transfer taking place in the bed. The random passage of the
bubbles create fluctuations of the pressure waves which is a function of the bubbles size.
The small bubbles create small amplitude fluctuations while large bubbles or slugs are
responsible for large amplitude fluctuations. The frequency of fluctuations depends on
the number of bubbles passing the probe cross section. The time domain signals is
converted to frequency domain using fast Fourier transform (FFT) to evaluate the

behaviour of signals meaningfuily.

The results obtained from the swirling fluidized bed is compared with those of the
ordinary bed that has a perforated plate type distributor. The hole size and open area ratio
of both plates are maintained the same, but the pressure drop across them is different. For
this reason the effect of pressure drop was also investigated.

Pressure Fluctuation Signais
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Figure 4.4 Typical pressure fluctuation signal in the bed for wheat particles.



35

Pow er Spectral Density of Pressure Fluctuations
3500
Wheat, dp=3.66mm
3000 1 1 density=1215kg/m3
| | Umf=1.0mvs
2500 1 : | U=1.50m/s
c:v‘ 1! H=7cm, di=14.5cm
& 2000 1 ! | Hap=2.5cm
g 1500 + I !
a : ‘
1000 1 I
= = = — Straight Plate
S00 + ————— Swirl Plate
0
0 5 10 15 20
Frequency, (Hz)

Figure 4.5 Power spectral density function of pressure fluctuations for wheat.

The typical pressure fluctuation, power spectral density function, autocorrelation
function, and probability density and distribution function of the pressure fluctuations
signals for two types of bed are shown in Figures 4.4 through 4.8 respectively. In these
experiments, the static bed height is 7 cm and pressure tap position located at 2.5 cm
above the distributor plate. A typical pressure-time curve (Fig. 4.4) shows clearly the
difference between amplitude of signals in two beds.

Figure 4.5 shows typical power spectral density of large particle fluidization that consists
of a single peak with no major side frequency. As can be seen, even though the main
frequency in both beds is the same, the power of fluctuations in SFB is considerably
smaller than the ordinary bed. This indicates that the mechanism responsible for
generating the fluctuations in the bed is altered, and consequently, the fluctuations are
dampened in SFB. Since bubble sizes are proportional to the power of fluctuations, it can
be concluded that the size of bubbles in SFB was reduced. This means more gas penetrate
into the emulsion phase and better contacting is accdmplished.
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Figure 4.6, shows the autocorrelation function of fluctuations for two beds. The periodic
nature of the curve is an evidence of uniform and smooth fluidization. The difference
between the amplitude of the two curves also verify that amplitude of fluctuations in SFB
is smaller than it is in the ordinary bed. As expected, the maximum correlation for both

cases coincide at zero time lag.

The probability density function (PDF) of fluctuations (Fig. 4.7) always shows a saddle
about the mean value of the signal, indicating the presence of periodic component in the
signals. Comparison between the two curves in Fig. 4.7, shows that in SFB the density of
fluctuations near the zero amplitude is higher than the ordinary bed confirming again the
previous finding about the lower value of amplitude in SFB. The same result can be

understood from the analysis of probability distribution function shown in Fig. 4.8.

Autocorrelation of pressure fluctuations
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Figure 4.6 Autocorrelation function of pressure fluctuations for wheat.
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Figure 4.7 PDF of pressure fluctuations for wheat.
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Figure 4.8 Probability distribution of fluctuations for wheat.
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Figure 4.9 Power spectral density of fluctuations for wheat.

4.5.2.1 Effect of Bed Height

To evaluate the effect of bed height on the behaviour of SFB another set of experiments
was performed with a second bed height of 12 cm. The pressure tap position was located
6 cm above the distributor plate to be nearly in the middle of the bed. Figures 4.9 and
4.10 show the power spectral density function and autocorrelation function of
fluctuations. As seen before, the dominant frequency for both beds do not change but the
power of fluctuation in SFB is smaller than it is in ordinary bed.

Comparison of the power spectral results for bed heights of 7 and 12 ¢cm (Figs. 4.5 and
4.9) reveals that the reduction ratio of power is decreased with increasing bed height.
This means that the effect of swirling outlet is diminished by increasing the bed height.
This behaviour can be expected since by increasing the bed height, the static pressure
above the distributor plate is increased and consequently the resistance of particle against

gas jet velocity increases and particles rapidly disperse the swirling action above the
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distributor plate. There is another difference in the comparison between Figs. 4.4 and 4.9.
The main frequency in the Fig. 4.9 is lower than that of in Fig. 4.5, which indicates the
frequency of pressure fluctuation decrease as the bed height increase because of bubble
coalescence. This is in agreement with the other works [lirag and Littman, 1971].

4.5.2.2 Effect of Distributor Plate Pressure Drop

As mentioned earlier, the two distributor plates have the same open area ratio but the
pressure drop across the swirling plate is higher than the perforated plate. This difference
can be attributed to different geometries of these plates. However, this difference may
raise a question as to the lower power in SFB maybe the result of higher pressure drop
across the plate, not by the swirling effect of the flow. It is, therefore, important to know
the effect of distributor plate pressure drop on the amplitude of fluctuations when the
open area ratio and opening size are constant. Unfortunately, there is no information in
literature in this regard. Fan et al. [1981] investigated the effect of plate pressure drop on
the amplitude of fluctuations by changing the hole size and open area ratio. However, it is
different situation and the result can not be used here specially when we notice that the
effect of the hole diameter is very important in the initial size of bubbles.

To understand the effect of the distributor plate pressure drop on the power spectral
density function experiments were performed using the swirling plate and changing the
position of tuyeres randomly to different directions. Figure 4.11 compares the power
spectrums between random direction plate and swirling (tangential) plate. The dominant
power in SFB is again smaller than the random direction plate confirming that the reason

for the difference in the power spectrum is not the pressure drop across the plate.

4.6 Results for High Density Materials (Sand)
Experiments were performed for sand particles to investigate the effect of the swirling
outlet of gas from the distributor plate. Tests for minimum fluidization velocity showed



that, like wheat particles, there was not any difference at the minimum fluidization

velocity between swirling plate and perforated plate.
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Figure 4.10 Autocorrelation function of fluctuations for wheat.
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Figure 4.11 Power spectral density function of fluctuations for wheat.
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To compare the hydrodynamic characteristics of swirling outlet for this group of
particles, the perforated plate was used. Different runs at different bed heights and gas
velocities were done for both types of plates to find a common base for comparison.
However, it was found that unlike the wheat, these particles are sensitive to pressure drop
across distributor plate and a small difference in the pressure drop of plate, significantly
affects the quality of fluidization. Since the pressure drops across the two types of plates
were different, then the two distributors performed differently at the same superficial gas
velocity. When, for example, in the swirling bed the quality of fluidization at a specified
velocity was good, for perforated plate jetting and partial channeling was observed. It
was, therefore, very difficult to compare the results between perforated plate and swirling
plate. Since any attempt to match the pressure drops would result in the change in
percentage of open area, the best option for comparison was to use a random direction
plate. Since both, random direction and swirl direction plates had the same pressure drop
and same open area ratio then the similarity was achieved and the only difference
restricted to the outlet geometry of gas. Figures 4.12 through 4.14 show the result of
experiments in 5 cm bed height and in Fig. 4.15 the power spectral density function is
shown for 10 cm bed height.

The experimental data for this type of particle indicated the basic difference in
fluidization of Geldart D and B type material. Unlike the group D particles a significant
side frequencies can be seen in this type of particle denoting different bubble sizes at
different frequencies passing the cross section of pressure tap. Comparison of results for
two types of plates show that like the wheat particles the main frequency of fluctuation
does not change but the power of fluctuation in swirling plate is smaller than the random
direction plate. Figure 4.15 shows that by increasing the bed height the difference
between peak powers diminish.
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Figure 4.13 Autocorrelation of pressure fluctuations for sand
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Analysis of the results between the sand and wheat particles reveals that the rate of power
reduction of swirling beds for wheat is higher than it is for sand. This outcome can be
anticipated because the density of sand is about twice that of wheat which causes a higher
increase in static pressure above the plate which in turn, counterbalances the swirling
effect of gas outlet.

4.7 Discussion and Conclusion

The tangential outlet of gas from the distributor plate creates a swirling pattern in the bed
which affects the hydrodynamic characteristics of fluidization. The gas-solid contacting
is increased through reduced bubble size and its distribution.

Considering the results obtained it can be concluded that for Group D particles such as
wheat the effect of the swirling outlet on the bubble size and contact efficiency is
noticeable. The swirling outlet causes a reduction in the intensity of pressure fluctuations
which is an index of bubble size in the bed, and better contact efficiency is attained.
Increasing the bed height cause this effect to decrease due to higher static pressure on
particles just above the plate which rapidly disperses the gas flow.

For Group B particles such as sand the effect of swirling outlet on the bubble size and
contact efficiency is also significant, especially for shallow beds. Use of the swirling
outlet improves the quality of fluidization. Increasing the bed height reduces this effect
that is the same trend for group D particles. Comparison of the results for random and
circular gas outlet reveals the importance of gas outlet configurations.

It is desirable to investigate the effect of swirling outlet of gas on other characteristics of
the fluidized bed such as particle mixing, bubble velocity and coalescence. These also
could be studied in other type of fluidized beds such as circulating fluidized beds.
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CHAPTER S
Effect of Moisture Content of Particles on the Hydrodynamics of Fluidized Bed

5.1 Introduction

In the drying process of granular particles, the moisture content of materials is relatively
high, and water may constitute an important percent of material weight. The excessive
amount of moisture content of particles may affect the “normal” behaviour of particles
during the fluidization process. This is largely due to the increased interparticle adhesion
force among the particles. The same pattern of behaviour may also be observed when the
bed is fluidized with a high relative humidity gas.

Although the effect of bed temperature and pressure change on fluidization are well
documented in the literature, limited information is available to understand the effect of the
relative humidity of gas, or moisture content of particles on the hydrodynamics of fluidized
bed. Increasing the moisture content of particles increases the interparticle adhesive force
(due to instantaneous liquid bridge formation) and therefore it becomes necessary to

consider the effect of this force in the balance of forces applied on individual particles.

When the particles are relatively dry, the effect of cohesive or adhesive forces between
particles is neglected, except for group C particles where the existence of cohesive forces
are responsible for difficult or poor fluidization. The existence of adhesive or cohesive
forces in the bed has a direct effect on the quality and performance of the bed. Molerus
[1982] reported that the difference in the behaviour observed with group A, B, and C
powders originates in the increasing relative magnitude of the cohesion force between
particles in comparison with the drag force, with decreasing particle size. He derived the
limiting conditions where cohesive forces dominate, and ended with a classification of
powders somewhat like Geldart’s. Massimillia and Donsi [1976] studied the cohesive
forces between particles of fluidized bed catalysts. They examined the relative importance



of van der Waals and capillary interparticle forces with respect to particle weight. They
calculated unexpectedly high cohesive forces inconsistent with their experiments. They
explained this difference by invoking surface asperities, even for apparently perfect
microspherical particles. Schubert et al. [1975] studied the behaviour of agglomerates with
different bonding mechanism. They developed a model in which agglomerates are held
together by liquid bridges which permits the stress-strain behaviour to be predicted. Jaraiz
et al. [1992] developed a theory to estimate interparticle cohesive forces from pressure
drop versus bed expansion data for very fine particles in a vibrated fluidized bed. Based on
this theory they predicted the Geldart C/A transition range.

In the present study, the effect of particle moisture content and relative humidity of
fluidizing gas on the fluidization behaviour of two different types of bed material (sand and
wheat) are investigated. While the sand particles are characterized as non-hygroscopic
material, wheat grain fall into the hygroscopic material category.

5.2 Theoretical Analysis

When a particle is in the minimum fluidization state, a balance between the drag, gravity
and buoyancy forces exist. This conventional balance of forces works so long as the
particles are dry and large in size, or the humidity of gas is low, thus justifying the
neglecting of the interparticle forces. In the case of moist particles, high gas humidity or
very fine powders, however, the magnitude of interparticle attractive forces is relatively
large, and cannot be neglected in the analysis of forces acting on the particles. Thus, for
moist particles in a minimum fluidization state, the balance of forces can be written as

follows:

Drag force + Buoyancy force = Gravity force + Adhesive force

F,+F,=W+F,, (5.1)
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Figure 5.1 Balance of forces on a single particle in the fluidized bed.

To find a correlation for the attractive forces, first of all the nature of these forces should
be carefully analyzed. Two important attractive forces between particles are the van der
Waals force, and the capillary force formed due to the liquid bridge. In group C particles,
where the particles are fine and their surface areas are considerably large, the van der
Waals force is the dominant cohesive force. The capillary forces become important if the
particles are moist or the gas has high relative humidity. Generally, the contribution of
these two forces should be considered in the interparticle force balance, but for all practical
purposes, in most cases only one of them is important. Since in this study the group C
particles are not under investigation, the effect of van der Waals forces are assumed to be
negligible and only the effect of capillary force is taken into account.

(
(a) (b) (c)

Figure 5.2 State of liquid bonding in a material, (a) pendular state, (b) funicular state, (c) capillary
state.
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5.2.1 Adhesion Force Due to Capillary Action

When the amount of particles surface moisture is high enough, the attractive capillary
forces between particles develop as a consequence of the formation of liquid bridges
between contacting bodies. Due to collision and closeness of particles at the contact point,
local capillary condensation might occur, even though the vapor partial pressure is smaller
than the normal vapor pressure of the liquid. The strength of the liquid bridge force
between two contacting particles depends on the structure and geometry of the particles,
and the properties of the solid-liquid system such as surface tension of liquid and contact
angle. The extent of capillary condensation determines the state of particle saturation.
Three states of a moist particle has been described depending on the amount of liquid
saturation S, which is the relation between the pore volume occupied by the liquid and the
total pore volume of particle [Massimila and Donsi, 1976). (1) A “pendular state” when
non-interconnected liquid bridges develop between individual particles, (2) a “funicular
state” when liquid bridges coexist with interparticle spaces filled up with liquid due to
increased amount of liquid, (3) a “capillary state” when all the interparticle space is filled
up with liquid. Figure 5.2 shows the different states of liquid saturation among a group of
particles.

It is understood that each state of liquid saturation requires a different treatment. In the
drying of moist particles, usually the pendular state exists between particles so we limit our
analysis only to the pendular state.

$.2.1.1 Pendular-Bond Strength

If a liquid of low viscosity forms a pendular liquid bridge between two particles, (Fig. 5.3)
a force Fa acts between them consisting of two components, the surface tension force F,
exerted by the liquid along the wetted perimeter, and a force F, due to the difference of the
pressure outside and inside the bridge produced by the curvature of the liquid meniscus:

F,=F,+F, (5.2)
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Figure 5.3 Geometrical representation of the pendular liquid bridge between equal-sized spheres.

The force resulting from the surface tension will act on the perimeter where the liquid
contacts the particles. The magnitude of this force exerted on each of the particles in the
direction X;X; is

F, = osin(p+6)P,, (5.3)

where ¢ is the vapor-liquid interface tension, @ is bridge angle, 0 is contact angle, and P,
is the wetted perimeter given by:

P, =2mRsin ¢ 5.4)



50

The pressure drop over the liquid surface is given by the well-known Kelvin equation:

-pR.T (P
AP= w® “ocons ln v 55
=l 69

where p., is the water density, R.x is universal gas constant, M., is molecular weight of
water, and T is the absolute temperature. Since the pressure inside the liquid is lower, each

of the particles experiences a force of attraction given as:

F, =APS (5.6)

4

where S is the projected areas of the liquid-solid boundary onto a plane perpendicular to
the direction of the force. It is calculated as:

S=aR*sin’g (5.7

Substitution of Eqs. (5.3) through (5.7) in Eq. (5.2) yields an expression for total adhesion

force:

F,, = 2aRosin psin(p +8)+ = pjmT m( 11: v )fd?’ sin @ (5.8)

w f -

Equation (5.8) needs a further assumption regarding the geometry of liquid bridge to be
able to use for predicting the adhesion force. Schubert [1984] presented a model based on
Eq. (5.8) which takes the existence of particle moisture into account. The final form of his

correlation assuming complete wetting (6=0) is:
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pM PRT P,
=8.25R Llo- 2w Rin| — 59
F,=825 S l:o ) [Pm JJ (5.9)

Several other authors presented simplified forms of Eq. (5.8) where the effect of gas
relative humidity and moisture content of particles are not included in the final correlation
due to the simplifications. Israelachvili [1992] presented the adhesion force between two

similar spheres as:

F, =2mRocosé (5.10)

Massimilla and Donsi [1976] also used a similar correlation with a different coefficient to
estimate the adhesion force due to capillary as:

F, =8Ro (5.11)

Since the correlation introduced by Schubert (Eq. 5.9) includes the relative humidity of gas
and moisture content of particles, it is considered to be the most accurate model that can
be used in a fluidized bed drying application. Therefore, Eq. (5.9) will be used in the
further theoretical analysis.

An important parameter that needs to be modified in the capillary force correlations is the
radius of particle (R). Massimilia and Donsi [1976] reported that using (R) as the radius of
particles gives a high value of the cohesive force which was inconsistent with their
experiments. They explained this problem by invoking surface irregulation and asperities.
Since the surface of real particles is usually not smooth, their adhesion force is not always
given by Eqn. (5.11) [Israelachvili, 1992]. There is an uncertainty in the definition of (R)
which depends on the roughness of the particle surface. A value of (R) as low as 0.1 pm is
reported in the literature to fit the experimental results [Massimilla and Donsi 1976,
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Chaouki, 1985]. In this study, a method has been suggested to calculate the value of (R)
for the material used in the experiments.

5.2.2 Minimum Fluidization Velocity

The correlation for the attractive force between two particles at a single point of contact,
can be used to derive a correlation for the minimum fluidization velocity of moist particles.
Although a large number of correlations for the prediction of minimum fluidization velocity
exist in the literature, most of them have neglected the effect of cohesive force between
particles. A few which considered the attractive force, only accounted for the van der
Waals force. Obviously, it is not plausible to use these correlations in the case of moist

particles.

The methodology to obtain a new correlation for minimum fluidization is as follows. The

total attractive force between particles in the bed can be expressed as [Jaraiz et al., 1992]:

Total attractive | | Number of particles | Average number of contact [ Attractiveforceata
forcein the bed in the bed points per particle contact pont

or

Fyu =n,nF, (5.12)

where F,, is the total attractive force and n. is coordination number. The number of
particles in the bed is:

n = A,H,,(l—s,,,)

) " (5.13)
6 14
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Substituting Eqns. (5.12) and (5.13) into the Eqn. (5.1) along with corresponding terms
for the weight and drag forces in the bed, gives:

6H _Al-e 0.F
AP 4, =H _A(-¢,)p, - p, )8 +—= '(Mf"')' d (5.14)
14

The Ergun equation [Ergun, 1952] for pressure drop in a fixed bed is given as:

AP,

b solmef AU 50-6) ol
H

& ((p,dj,)z £ od,

(5.15)

Combining the above equation and Eqn. (5.14) and considering the bed properties at the
onset of fluidization gives:

_ljiReZ +150(1-€lf)Re =d;pg(pp_pgk

— +
3 LA 3 2 ~f 2
guf ¢: gu( ¢: K £

(5.16)

49.50,n.R |p M, o—p"R“""TRln P,
”y: p.. ZM\V P-ldl

The first dimensionless term on the right hand side is the Archimides number Ar, and the
second term is due to the contribution of adhesion force and can be named as adhesion
number, Ad. The final form of equation is:

150 -¢
—&ARef,+o(3_2")Red =Ar+Ad (5.17)
8nf¢: 8uf¢:

The existence of adhesion number Ad on the right hand side of Eq. (5.17) indicates that
the minimum fluidization velocity increases for the material considered. The magnitude of
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this increase, however, is not very clear mostly because of the difficulty in determining a
proper value for (R). The experimental results obtained from the present work for the
minimum fluidization velocity are used to estimate a proper value for (R), and are
presented below.

5.3 Experimental Results

Two different types of materials were used in the experiment, namely sand and wheat.
Sand is a non-hygroscopic material that belongs to group B particles. Because moisture
remains mostly on the surface of the sand, and does not penetrate inside the body, the
amount of admissible moisture increase of sand is very small. If the moisture increases
more than an admissible value, particles stick to each other, and the bed experiences sever
channeling, and therefore, fluidization will not take place. On the other hand, wheat is a
hygroscopic material that belongs to group D particles. Contrary to sand, wheat can
absorb a lot of moisture inside the body so the amount of moisture increase could be very
high. These two different materials are used in the experiment to find the effect of moisture
content on the fluidization of wide variety of materials. The specification of the materials is

shown in Table 5.1.

Table 5.1 Physical properties of various bed materials before and after conditioning.

Wheat Whest Sand Sand
(Dry, M,=0.14) (Moist, M, =0.43) (ry, M,=0.0) | (Moist, M, =0.0006)
d,=3.66 mm =3.80 mm d,=0.50 mm d,=0.50 mm
py=1215 kg/m* P,=1250 kg/m’ p,=2610 kg/m’ Pp=2610 kg/m’
m=0.4 Bar=0.45 Em=0.47 €m=0.50
Ue=1.0 m/s Up=1.3 m/s Un=0.17 m/s uw=0.30 m/s
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Figure 5.4 General pattern of bed pressure drop for sand and wheat particles with high moisture
content. (Horizontal lines show the pressure drop equivalent to weight of bed material)

$.3.1 Pressure Drop versus Gas Velocity

Figure 5.4 shows the general pattern of pressure drop versus gas velocity curves for sand
and wheat particles. Each curve consists of two straight lines with different slopes. The
intersection point of these two lines is known to be the onset of fluidization in the bed.
Unlike dry particle fluidization, the bed pressure drop after the minimum fluidization point
is not constant, but gradually increases with increasing gas velocity. This pattern is found
to be the most distinctive characteristic of moist particle fluidization induced by the
attractive forces between particles. It may be explained that at the start of fluidization, not
all particles are fluidized because of the adhesive forces in the bed. Usually, the top layers
of bed start fluidizing when the bottom layers are still stationary. Thus, the bed pressure
drop is slightly less than the pressure drop equivalent to the weight of bed material.
Increasing the gas velocity further, the drag force exerted on the particles increases which
can then break apart more contact points between particles, and bring them to the fluidized
state. Consequently, the pressure drop increases with increasing the gas velocity as more
particles require to be suspended. At a certain velocity, all particles will eventually be
suspended and full fluidization will take place. At this point the pressure drop would be
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higher than the weight of bed pressure drop because of the effect of the adhesive force.
Further increase in the gas velocity may not necessarily cause the pressure drop to increase
linearly. It should be noted that during the experiment careful arrangements should be
made to prevent changing the moisture content of the particles during their fluidization.
This can be done by choosing proper values for air temperature and relative humidity
which minimize the change in the moisture of particles.

Sand, T=15 C, RH=80%, mp=3.883kg
6
5 )
2
§3
@ dry
g 2 ¢ Mp=0.005 H
a : & Mp=0.006
0
0 02 04 06 o8 1 1.2
U (m/s)

Figure 5.5 Comparison of bed pressure drop for sand with different moisture content.

A similar pattern between the pressure drop and the velocity was observed by Jaraiz et al.
[1992] for fluidization of group C particles in a vibrated fluidized bed. For these particles
(group C), the van der Waals cohesive forces may be responsible for a gradual increase of

bed pressure drop.

5.3.2 Comparison of Bed Pressure Drop for Dry and Moist Particles

Sand:
The results of pressure drop experiments using dry and moist sand are shown in Fig. 5.5. It
can be seen that the minimum fluidization velocity increases as the particle moisture
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increases. The mean amplitude of pressure fluctuations against the superficial gas velocity
was also measured for dry and moist particles. Figure 5.6 shows that the magnitude of the
mean pressure fluctuations increases linearly with the superficial gas velocity. The
intersection of the inclined line with abscissa can be considered as the minimum fluidization
velocity point [Hartman and Svoboda, 1986). The minimum fluidization velocity results
determined by this method is in good agreement with those determined traditionally from
the plots of pressure drop across the bed against the superficial gas velocity (Fig. 5.5).

Sand, T=15 C, RH=80%, mp=3,883kg
07
¢ dry, Mp=0.0
) X )
£ 96 11 g moist (Mp=0.007) A
05 /
% 04 /
£03
02
N —
0 L4
0 02 0.4 06 08
V()

Figure 5.6 Mean amplitude of pressure fluctuation versus superficial gas velocity for sand.

InFig. 5.5, the pressure drop-velocity variation of the moist particles, during the fixed bed
regime, exhibits a peculiar behaviour. The pressure drop of the moist particles was found
to be lower than that of dry particles at the same corresponding gas velocity. As a possible
justification for this difference, one may suspect a difference in bed voidage at two
conditions. However, the bed voidages of dry and moist sand are almost the same because
the amount of moisture content of sand is very small, and also because the sand particles
are non-hygroscopic and do not swell after conditioning. Moreover, the bed heights for the
two cases are identical which is another indication of the same voidage amount at the fixed
bed condition. So, what could be the reason for the different bed pressure drop at the fixed
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bed condition? It is expected that the pressure drop of the moist particles should be at least
equal, if not higher, to that of the dry particles at fixed bed condition.

The reason might be related to the adhesive force in the bed. One possible answer is that
the existence of the adhesive force creates a condition in the bed that particles cannot
move or slip easily between each other when the local voidage increased by a disturbance.
This condition forces the gas to open up some stable low-resistance microchannels
extended from the bottom to the top of the bed. Since most of the gas penetrates through
these stable low-resistance microchannels, the drag force is not exerted on all the particles
in the bed and consequently the bed pressure drop decreases. The adhesion force behaves
like an interlocking force and prevents the particles from collapsing into the microchannels.
The diameter of these microchannels is usually not large enough to be visible inside the
bed, but when they join together, a small size jet may appear on the surface of the bed. In
the dry particle case, these stable microchannels are not observed since the particles can
freely move and fill any increase in local voidages as soon as they are created and prevent

their formation.

This behaviour, actually, is similar to the channeling problem for group C particles. For
group C particles the channels, after having developed through the bed, are stable because
adhesive forces hold the particles together and prevent them from collapsing into the
channels. But in other particle groups such as A, B, and D, and in the absence of adhesive
and cohesive forces; the channels are unstable because of the free movement of particles
which disconnects them randomly. These disconnected channels, then, manifest themselves
as bubbles which pass through the bed and provide smooth fluidization. In beds of group C
particles, when the channeling appears, the bed pressure drop decreases because only a
small amount of particles located in the channels are suspended and other particles rest on
the distributor plate. Hence the bed will never become properly fluidized.
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Wheat:

Experiments on wheat showed the same pattern to that of sand particles. Figure 5.7 shows
the comparison of bed pressure drop between dry and moist wheat particles while Fig. 5.8
shows the mean amplitude of pressure fluctuation versus superficial gas velocity. The
increase in the minimum fluidization velocity is clear in both graphs. Increasing the
moisture content from 0.43 to 0.57 does not appear to create a significant difference in
minimum fluidization velocity. This is expected since for wheat particles, the equilibrium
relative humidity becomes constant (close to 100%) for moisture content values above 0.3
(dry basis). So, as long as the moisture content is limited to the pendular state, the
behaviour of the bed does not change considerably.

Wheat particles also show a decrease in the bed pressure drop when they are moist.
However, for this type of hygroscopic material, the change in the bed voidage after
conditioning, should also be accounted for. Wheat particles swell as their moisture content
increase and consequently the bed voidage increases. Therefore, for wheat particles, the
decrease in bed pressure drop may be partly because of the increase in bed voidage, and
partly because of the existence of microchannels.

Wheat, Te10 C, RHe70%, mpe=1.97)g
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Figure 5.7 Comparison of bed pressure drop for wheat with different moisture content.
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Figure 5.8 Mean amplitude of pressure fluctuation versus gas velocity for wheat.

5.3.3 Effect of Moisture Content of Particles on Minimum Fluidization Velocity

It is already shown that minimum fluidization velocity depends on the moisture content of
particles, and that increasing the moisture content, increases the minimum fluidization
velocity. Therefore, in the initial stage of drying, one may need to increase the gas velocity
in order to fluidize the bed material properly. After the initial stage and when the surface
moisture is removed, the gas velocity can be reduced for the rest of the process. It is,
therefore, desirable to establish a correlation for the variation of minimum fluidization

velocity in terms of moisture content based on the experimental findings.

Figure 5.9 shows the results for sand particles. As already mentioned, sand particle can
adsorb a small amount of moisture, and above a specific value, fluidization can hardly take
place due to the stickiness of particles, and creation of channeling in the bed. In order to
give a correlation for the curve in Fig. 5.9, it is better to divide the curve into two zones.

The correlation for each zone can be written as:

Uy =22.105M , +0.1784 (R?* =0.9983) 0sM,<0.005 (5.18)
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4, =10.550M , +0.2374 (R*=09994)  0005<M, <0007  (5.19)
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Figure 5.9 Effect of moisture content on u.y for sand particles.
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Figure 5.10 Effect of moisture content on u. for wheat particles.

Figure 5.10 shows the variation of ugr for wheat particles. Three zones can be
distinguished in this figure. In the first zone, there is a small slope for variation of uxr with
moisture content but in the second zone the variation is relatively high. The third zone
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shows again small but a non-linear variation of u.s. These variations can be justified based
on the sorption isotherm of wheat grain. For wheat with moisture content above 0.4 (dry
basis), the equilibrium relative humidity is almost 100%, which means that water molecules
can exist all around the surface and reach to saturation state. So, increasing the moisture
content above 0.4 (dry basis) does not have an important effect on the u.s. The correlation

for each zone can be written as:

U, =0.9813M +0.9054 (R? = 0.9943) 01<M <04 (520)

Uy, =0.1317Ln(M) +1.42 (R? = 0.9930) 04<M <06 (521)

S.4 Discussion and Conclusions

The data obtained from the experiments for bed pressure drop using moist particles can
provide the necessary tool to estimate the magnitude of the adhesive force between
individual particles. Using the increased bed pressure drop data and Eqn. (5.12), the total
adhesive force Fa, and the interparticle adhesive force Fa, can be determined. Having
determined the interparticle force, F, the value of (R) can be calculated from Eqn. (5.9).
As was pointed out, there is some uncertainty about the value of (R) due to the surface
roughness of material. The value of (R) in Eq. (5.12) is considerably lower than the radius
of particle and depends on the structure of the material. Based on the proposed procedure,
the values of (R) for sand and wheat are 1.0 um and 20.0 um, respectively. Having found
the proper value for (R), the Eq. (5.17) can be used to find an estimate value for ug
theoretically. Furthermore, it would be informative to calculate the dimensionless ratio of
adhesive force to gravity force, Ry, for an individual particle, which is an indication of
quality of fluidization. According to the experimental results, R, for sand is about 0.035
and for wheat is about 0.08. These small values of R, mean that despite of the existence of
the adhesive force, the bed does not show a behaviour characteristic of group C particles,
and fluidization will occur successfully.
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Considering the results obtained in the experimental section, the following conclusions can
be made. Increasing the moisture content of particles increases the minimum fluidization
velocity of particles due to increased adhesive forces inside the bed. This suggests that in
predicting the minimum fluidization velocity, the conventional balance of drag with gravity
forces is not fully applicable and that the effect of interparticle cohesive forces caused by
the liquid bridge of isolated capillaries must be taken into account.

Increasing the moisture content of materials in the fixed bed condition reduces the bed
pressure drop along the bed due to creation of low-resistance microchannels in the bed.
The existence of low-resistance microchannels may be the responsible factor which
reduces the rate of heat and mass transfer in the fixed bed systems. Because these
mirochannels reduce the contact efficiency between gas and solids, the overall efficiency is
reduced. Therefore, application of fixed bed drying may not be recommended from this
perspective.

Another point that needs to be addressed is the applicability of the Ergun equation to
predict the pressure drop in a fixed bed with high moisture content. It was shown that for
these cases, the bed pressure drop is reduced because of the existence of low-resistance
microchannels. Since the Ergun equation does not consider the effect of moisture content

of particle, it overestimates the bed pressure drop in the case of moist particles.



CHAPTER6
Mathematical Modeling of Fluidized Bed Drying

6.1 Introduction

As a preliminary step in hydrodynamic modeling of a fluidized bed, the main features of
the bed such as flowrate through the phases, volume fractions, contacting pattern of
materials, and other related parameters must be known. Flow pattern and its behaviour is
one of the most complicated and unpredictable challenges in fluidization. As a result of the
solids movement and the bubbling action, the fluidizing gas passes through the bed in a
complex and random manner. In the early days, simple contacting models such as plug
flow, mixed flow, dispersion, and tanks in series were tried. Then, following the lead of
Toomey and Johnston [1952], two-phase models were proposed. The aim of these models
was to account for the observed nonhomogenity of a fluidized bed. Over 30 distinctly
different models of this type have appeared in the literature.

The 1960s examined two major advances in the understanding of gas/solid contacting in
bubbling fluidized bed. Firstly, Davidson’s analysis of the flow of gas within and in the
vicinity of rising gas bubbles and, secondly, Rowe’s finding that a rising bubble was
accompanied by a wake of solids and that this was the main mechanism causing solid
circulation in fluidized bed.

These developments led to a new class of fluidized bed models called the hydrodynamic
models, in which the bed behaviour was based on the characteristics of these rising
bubbles. Over a dozen of these models have been proposed but all to the extreme of very
fine particles in which the rising bubbles are surrounded by very thin clouds of circulating
gas, mainly because it was often of practical importance in the fluidized bed reactors. That
is the reason why most work on fluidized bed drying employed the hydrodynamic model
suitable for small size particle (group A) irregardless of the characteristics of particle used
for drying. However, with increasing use of large particle beds in different applications,
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researchers have developed many hydrodynamic models to predict the behaviour of bubble
and dense phase.

6.2 Gas Flow Pattern in Fluidized Bed

Gas flow in fluidized beds is not uniform. This nonuniformity manifests itself as existence
of different phases inside the bed. A first attempt to model the bed behaviour was two-
phase theory which later on was found to have some shortcomings in modeling all types of
fluidization. Discrepancies up to 50% in the value of bubbles flow rate were reported
[Geldart, 1986] in using the two-phase theory of fluidization for group D particles
analysis. Different theories were proposed for modeling the fluidization process
considering its variation with particle type. Here we review the characteristics of different
types of fluidization and then choose the appropriate correlation from the literature to use
in a drying model. We start with group D particles which have extensive application in
drying of agricultural crops.

6.2.1 Group D Particles

Group D represents relatively large diameter particle size. Hydrodynamic of this group
show marked deviations from those obtained using the two-phase theory. When these
solids are fluidized, the bed does not expand considerably, and bubbles form as soon as the
gas velocity exceeds umr. One sees long lenticular cavities close to the perforated plate
distributor. These cavities move slowly upward to transform into nearly spherical bubbles
higher up the bed. These bubbles grow rapidly and do not follow any preferred path. Also,
note that this nearly spherical bubble shape suggests a very small wake, in contrast to what
one finds with small particle system (group A). When the bubble size approaches the bed
diameters, flat slugs are observed which slide up the tube and collapse into wall slugs near
the surface. For this type of particles, the emulsion gas uses the slow-rising bubbles as a
convenient low-resistance shortcut through the bed, providing a mode of gas exchange
and by-passing which is different from that observed with group A or B powders. The gas



velocity in the dense phase is high and solid mixing is relatively smaller than the other
group but it is good enough to assume uniform distribution of particle properties.
Backmixing of the dense phase gas could be neglected. Relatively sticky materials can be
fluidized since the high particle momentum and fewer particle-particle contacts minimize

agglomeration.

As a bubble rises through the bed, its size, and consequently its velocity increases with the
bed height. The increase in the size of bubble is mostly due to the coalescence of small
bubbles to larger ones, even though other mechanisms are also proposed for this
phenomenon. The varying form of bubble properties during its passage through the bed
has not been addressed in the previous works on fluidized bed drying. Instead a constant
averaged bubble size was used [Srinivasa Kannan et al., 1994] which may not be a precise
representation of bubble behavior in the bed. Figure 6.1 shows various choices which may
be used to represent the bubble behaviour in the bed. These are: (a) one mean bubble size;
(b) bubbles grow as they rise in the bed but are of the same size at any level in the bed; (c)
size distribution of bubbles at any level in the bed but all growing as they rise. For group D
particle, choice (b) is used for modeling the bubble behaviour. Implementation of this
model, which considers variation of bubble size along the bed, can be done appropriately

in this work since the bed is divided into a number of slices in the axial direction.

Voidage of different phases is usually assumed to be constant along the bed (Fig. 6.2a),
which is consistent with the constant bubble size assumption. However, for group D
particles, the constant bubble size cannot be applied. Since the flowrate through the bubble
phase can be considered constant over an average time period, and the velocity of bubble
increases as it moves up, the continuity equation requires that the bubble voidage
decreases along the bed height (Fig. 6.2b). The solid phase voidage can be assumed to be
constant along the bed height. Although this is not true in the fieeboard zone, the error
associated with this is negligible in drying processes. With the decrease in the bubble
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voidage and constant solid phase, the voidage of interstitial gas phase should increase
along the bed as shown in Fig. 6.2b.

O O 1010

O O
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8 o) c 0O
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(a) (b) (c)

Figure 6.1 Different models for bubble behaviour inside bed: (a) mean bubble size (b) variable
bubble size in axial direction (c) variable bubble size in axial and lateral directions.

L\/r\__/-r\./\_/ —— N

Bubble| Interstitial Solid Bubble | interstital Solid

phase | 08Sphase  phage phase |0aSphasd  phage
(@) (b)

Figure 6.2 Phase distribution inside the bed, (a) constant phase voidage, (b) variable phase
voidage.
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Based on the above considerations, the flowing correlations are used in modeling the flow
pattern. The bubble flowrate is evaluated based on the finding of Hilligardt and Werther
[1986]. Their results are shown in a graph which mathematically can be formulated as:

Q, =ylu—uny 4, ©.1)
where v =026 for H/d, <05
v =exp[0.464log(H/d,)-1.02]  for 05<H/d, <10

For the bubble size, the correlation proposed by Darton et al. [1977] is used because it
considers the variation of bubble size with the bed height,

d, =054 —u, P*(H, +4 4, [ g 6.2)

The subscript j indicates the position of bubble in the axial direction of the bed. The bubble

rise velocity is predicted using the following correlation,
03
ty, ==ty ) +071gd, ) (6.3)
The bubble voidage is predicted by,

g, =—2 (6.49)

T Ay,

The volume fraction of particles is assumed to be constant along the bed. Although it
might vary specially close to surface of the bed, it has little effect on the overall
performance of the bed.
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e, =(1-4, )(1 -¢,) (6.5)

The volume fractions and velocity of interstitial gas are given respectively as:

£, = (1 -8 - s,) (6.6)
u, = M 6.7)
&

J

The voidage of the emulsion increases along the bed, and obtained by,

8,
& . (6.8)

’ =(l_8”/)

It is assumed that that bed expansion is equal to the average bubble hold-up, so bed height
after fluidization is calculated by

W, H
Hf = b = LA
Py€,4, 1-¢,

(6.9)

The general correlation for minimum fluidization velocity, ugr is given by Kunii and
Levenspiel [1991]:

1501-¢
—l:‘;-,—s-Re:,-c——q-(s—-zLJRev =Ar (6.10)
€~.¢, anf¢:

where Re is the Reynolds number and Ar is the Archimedes number defined as:
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d
Re,, = 2P (6.11)
Mg
d -
Ar = pr(ppz pxk (6.12)
He

The minimum fluidization velocity for this group is measured experimentally and found to
be in good agreement with the Eq. (6.10) in the case of dry particles. For wet particles, the
Eq. (6.10) is not valid, and it is recommended to use a correlation based on experimental
findings for each type of material like the equation suggested for wheat and sand particles
in chapter 5 (Eqs. 5.18-5.21).

6.2.2 Group A Particles

Particles which fall into this group are of relatively small size. Two-phase theory provides
a fairly accurate model for this type of material. When these particles are fluidized, the bed
expands considerably at velocities between uxs and the velocity at which bubbles appears,
Ums. This is as a result of slightly cohesive forces between these particles. Gas bubbles rise
more rapidly than the rest of the gas, which percolates through the emuision. These gas
bubbles appear to split and coalesce frequently as they rise through the bed, resulting in a
restricted bubble size not far above the distributor, usually less than 10 cm, even in a large
bed. So the assumption of average bubble size can reasonably be used for this group (Fig.
6.1a). Since a constant size of bubble can be assumed for this group, the voidage
distribution could be assumed constant along the bed height (Fig. 6.2a).

Because the bubble rises much faster than the emulsion gas, according to Davidson’s
analysis, the rising bubbles are surrounded by thin clouds of recirculating gas. This cloud
restricts the heat and mass transfer between bubble gas and interstitial gas. As mentioned
earlier, a two-phase model is suitable for this type of particles which assumes that all the
gas in excess of uqys flows through the bed as bubbles while the emulsion stays at minimum
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fluidizing conditions. So the following correlation from two-phase model can be used. The
bubble flowrate is evaluated based on the finding of Hilligardt and Werther [1986] as:

0, =vlu —u, )4, (6.13)
where y =085

For the bubble size, the correlation proposed by Darton et al [1977] is used.
dy =054{u—u,, ) *(H +4/4,)" g (6.14)
The bubble rise velocity is predicted using the following correlation,

4y =(uty)+071(gd, )" (6.15)

The bubble voidage is predicted by,

g, =2 (6.16)

The volume fraction of particle is assumed to be constant along the bed,
&,=(1- 5 )(1-5,) (6.17)
The volume fractions and velocity of interstitial gas are given respectively as:

5=(1-¢-¢,) (6.18)
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U =’ (6.19)

Voidage of emulsion is constant along the bed and obtained by,
€y =En (6.20)
The bed height after fluidization is calculated based on volume fraction of bubbles as,

H
H =Lt _w (6.21)
PE,4, 1-¢,

For relatively dry particles, the minimum fluidization velocity, uxs is given by Kunii and
Levenspiel [1991]:

151 - ¢
L7 Ref,f+o(3—z""JRe,¢ = Ar (6.22)
gq’¢: gllf g

where Re is the Reynolds number and Ar is the Archimedes number defined as:

du
Re,, =’—:& (6.23)
8
& -
ar =222 '(‘;’2 o.)e (6.24)
4

For wet particles, it is recommended to use correlation based on experimental finding for
each type of materials.
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6.2.3 Group B Particles

The group B contains particles in the moderate size range. Sand is the most typical
powder in this group. In contrast with Group A powders, interparticle forces are
negligible and bubbles start to form in this type of powder at or only slightly above
minimum fluidization velocity. Bed expansion is small and the bed collapses very quickly
when the gas supply is cut off.

There is little or no powder circulation or mixing in the absence of bubbles and bubbles
burst at the surface of the bed as discrete entities. Bubbles rise faster, but not much faster,
than the interstitial gas. The bubble size increases roughly linearly with distance above
distributor and with the excess gas velocity, u-uns. For this group, variable size bubbles,
choice (b) in Fig. 6.1, is used for modeling the bubble behaviour. Since the bubble size
changes along the bed height, the voidage distribution of bubble and interstitial gas should
be varied for this group (Fig. 6.2b). Backmixing of interstitial gas is relatively low, as is
gas exchange between bubbles and the dense phase.

The bubble flowrate is evaluated based on the finding of Hilligardt and Werther [1986].
Their graphical results can be mathematically can be formulated as:

0, =ylu-u, M, (6.25)
where y =0.68 for Hfd <18

y= exp[0.483(d£} - 0.6695] for 18<H/d <4

4

For the bubble size, the correlation proposed by Mori and Wen [1975] for group B is
used:

= e /4 (6.26)



where dy. is the initial bubble size formed near the bottom of the bed, given by:

d,

130 [ Alu- u,.,)r

g2 N,

and dym, is the maximum bubble size in a very deep bed. This is given as:
d,, = 0.65[Alu -u,, )

The bubble rise velocity is predicted using the following correlation,
u, = (u - u,,)+ 0.71‘3de )”

The bubble voidage is predicted by,

)

J
Au,

The volume fraction of particle is assumed to be constant along the bed,

s,,=(l-—ebjll—s,/)

The volume fractions and velocity of interstitial gas are given respectively as:

€, =(1—e,,j —s,)
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(6.27)

(6.28)

(6.29)

(6.30)

(6.31)

(6.32)
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-¢,u,)

u =— b (6.33)

1
/ £,
5,

The bed height after fluidization is calculated based on average bubble hold-up as,

w, _H,
H =—2 =

= = (6.34)
pPE, 4, 1-¢,

For relatively dry particles, the minimum fluidization velocity, ueys is given by Kunii and
Levenspiel [1991]:

175 Re;,+lso(:_f"f)

Re = Ar (6.35)
8:¢'¢: gd s "

where Re is the Reynolds number and Ar is the Archimedes number defined as:

d
Re,, = Lﬂ"’p—' (6.36)
4
& -
ar = 22P '(‘;’2 A (6.37)
' 4

The minimum fluidization velocity for this group is measured experimentally and found to
be in good agreement with the Eq. (6.35). For wet particles, it is recommended to use
correlation based on experimental finding for each type of materials.

6.3 The Interstitial Gas Phase
The interstitial gas is in more intimate contact with solid particles than the gas in the
bubbles, thus, it has more contribution to the transport phenomena inside the bed. The gas
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has interactions with the solid phase, bubble phase and the walls. A plug flow model can
be considered for the interstitial gas. The bed is considered to be nonisotermal and also the
temperature of interstitial gas phase can change along the bed. For modeling the gas
behaviour, it is required to divide the bed into many one-dimensional control volumes. For
each control volume, the differential equations can be developed for the mass and energy
of the interstitial gas phase. The mass balance for the interstitial gas in the control volume

can be written as, Fig. 6.3,

st'Au +a .Xfet“rut)dy
o/t © i %, &

o ]
o -0 OO
’ bt

P.X &, Au,

Figure 6.3 One-dimensional control volume for interstitial gas mass transfer analysis.

M, + M, + MV = % (6.38)

where
Mn =p X4y, (6.39)
Maur =p, X, Au, + 5(p,Xé,,€,A,u, )dy (6.40)

Interaction of interstitial gas with solid and bubble phase can be considered in mass
generation terms as follow:



g budble (6.41)
A
M g ponce = Pk, (X, = X, )2 (6.42)
Ady
Mx.bubbk = pakib(Xb - X, )’:Aj'y_ (6.43)
and
dV = Ady (6.44)

Replacing Eqgs. (6.40)-(6.45) into Eq. (6.39) results in:
7 7 A A
5(ant€l' )+5(an181“1)= pakp(Xp - Xt)ﬁ"' paklb(Xb - Xi )A,;y (6-45)

where the ratio of particles and bubbles area per control volume of bed can be written as:

4__ %, (6.46)
Ad  d,

A, 6¢,
A _5 6.47
y) 4, (6.47)

The relation between bubble interchange coefficient Kis, and mass transfer coefficient, ki
is given as:

£

K, =ty Sk

Ak

ib
7 (6.48)

Substituting Eqs. (6.46) through (6.48) into Eq. (6.45) gives:
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6¢
SoaXie)+ S o, Xism)= ok, (X, - X )T+ pKats(X, - X)) (649)

14

The similar approach can be used to develop a differential equation for energy. Figure 6.4
displays the schematic of control volume used for the energy balance. The general

equation of energy is:

M

o CeAul +M§ﬁ”—’dy

i O OO:—— particles

Figure 6.4 One-dimensional control volume for interstitial gas heat transfer analysis.

Ep+Eny+EdV= -‘; (6.50)

where
E, = p,Ce,Au,T, (6.51)
E,.=p.CeAuT + a(”"C;"""‘T' gy (6.52)

Interaction of the interstitial gas with the solid, bubble phase, and surface of the bed wall
can be considered in heat generation terms as follow:

Ex =Eg.mdc + .xm +Eg.ufoa (653)
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. A .
Eypone =h (T, - T, ):1—;;+M,_m,,cv (r,-1) (6.54)
. A .
Ep e =0 (T, -T)—2-+M,,,,,,C,(T, - T)) (6.55)
Ady
E =h(T,-T) 4, (6.56)
g.surface s\*s § A,@

Substituting Eqgs. (6.51) through (6.56) into the Eq. (6.50), gives:

A A
FeCon)+ So.Cout)=h, - L)+ ek, - X ), 1)

y, A A,
+h,(7, -Tf)-“ir%dyw“Pak.z,(Xb -X,)AT:yCv(Tb -T)+h,(T, -T,)-A?y (6.57)

Considering Egs. (6.46) and (6.47) and writing bubble interchange coefficient per volume
of bubble, Eq. (6.57) can be written as:

6 6
FCan) ZoConT)=h,, 1) + ok, X, - X )2C. 0T, - 1)
P 4

+H,¢,(T, -T)+p.K,6,(X, - X,)C,(T, -T)+h(T, ‘7;)'(1:1—8") (6.58)

t

The interchange coefficients between the solid phase and the interstitial gas are given by
Ranz [1952]:

k
h,==2(2+18Re? Sc*) (6.59)

14 dp
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(2+1.8Re"2 5c?) (6.60)
P dp¢. P

6.4 The Bubble Phase

The bubbles in a fluidized bed are a source of inhomogenity inside the bed and in many
applications, especially those involving fast reaction processes, they are the controlling
parameter in determining the overall performance of the bed. In the drying system, there
are two modes of drying; constant rate and falling rate. In constant rate drying, where the
rate of drying is controlled by external heat and mass transfer coefficients, the role of
bubbles are more important than in the falling rate drying, where the rate of drying is
controlled by the moisture diffusion inside the particle. However, in any case, for precise
modeling of the drying process, it is required to consider the bubble existence and its
interaction with the other phases. The characteristics of bubble such as size, velocity,
moisture content, temperature, and interchange coefficient usually depend on its axial
position in the bed. For the modeling purpose, the bubbles are considered in plug flow and
its differential equation can be derived following the procedure applied for the interstitial

gas phase. The mass balance equation can be written as:
o (o X o
7 Y. bgb)+5(anb£b“b)= paKx’bgb(Xl _Xb) (6.61)
and the energy balance for bubble phase is,
o l
E(Pacbgbrb)*' E(Pacbab“bn)= H,e,(T, - T,)+ p.K,6,(X, - X,)C,(T, - T,) (6.62)

For different groups of particles the volumetric mass transfer coefficient between the
bubble phase and the interstitial gas phase are not the same. In group A particles the cloud
acts as an isolating layer between bubble gas and interstitial gas and decreases the overall
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exchange rate coefficient. For this group, the interchange coefficients between the bubble

and the cloud can be computed as [Kunii and Levenspiel, 1991]:

V2 4
K, = 45('%) +5.85(M—) (6.63)

s d b’l‘
and between the cloud and the interstitial gas:

D, &y u,,
3

0s
K, = 5.77( J (6.64)

b

where the relative velocity of bubble to emulsion phase is:

u, =0.71(gd, ** (6.65)

The overall interchange coefficient between the bubble and the interstitial gas for group A,
is:
1 1 1

N 6.66
X, K, X, (6.66)

The interchange coefficient for the heat transfer between the bubble and the interstitial gas
phase can be computed similar to the mass transfer coefficient. The interchange coefficient
between bubble and cloud is given as [Kunii and Levenspiel, 1991]:

(kupac )lzglu
d:“

c
H, = 4.5[MJ +5385

a (6.67)

and between the cloud and the interstitial gas:
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(6.68)

b

0.s
H, = 6.77(—_” (gl J

and the overall interchange coefficient between the bubble and the interstitial gas for group
A is:

1 11
- 6.69
H, H, H (6.69)

(2]

For group D and B particles the cloud phase does not appear around the bubble and the
gas bubble can directly have heat and mass transfer with the interstitial gas. So, the terms
showing the contribution of the cloud phase, K and Hi, can be neglected. The overall
mass transfer coefficient between the bubble and the interstitial gas can be computed as:

K, - 45(25) esp{ 207 (6.70)

3/4
d,

and the overall heat transfer coefficient between the bubble and the interstitial gas
becomes:

(kp.C )78
d:l‘

u..p,C

b

(6.71)

H, = 4.5( )4-5.85

6.5 The Solid Phase

Drying of solids can take place in two different modes namely; the constant rate and the
falling rate. The existence of each mode depends on the moisture content of the solids and
other conditions of solid and drying medium. In the following the goveming equations of
each mode is discussed separately.
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6.5.1 The Falling Rate Drying

The solids experience a set of complex processes in the course of falling rate drying. A
variety of mechanisms has been proposed to address the moisture transport in solids
[Brooker et al., 1974]. For a complete description of the heat and mass transfer in the
solid the coupling effect between the various transport mechanisms should be considered.
Luikov [1966] developed a general model for the simultaneous heat and moisture transfer
in drying process based on irreversible thermodynamics:

Ju
3:=V’K.3 (6.72)

where » is a vector as: lf=l_l(l',t)=(ﬂrf p,Tp,Pp)Tand M, T, and P, represent the

distributions of moisture content, temperature and total pressure within the body of solid.
K in the Eq. (6.72) is a 3x3 matrix as:

K‘—‘{Ky}

The system of partial differential equations for each variable can be written as:

2

52 =VKuM, + V'K, T, + V'K, P, (6.73)
Ty _ o 2 :

2=V KuM, + VKT, + V'K, P, (6.74)
ﬁ_ 2 2 2

£ =V'KuM, + VK, T, + V'K, P, (6.75)

The elements of matrix K, depend on the physical properties of the product such as mass
diffusivity and thermal conductivity. The K; are phenomenological coefficients while the
off-diagonal elements Kj, i#j, represent coupling between the various transport



mechanism. The difficulty with this formulation is that insufficient data are available for
the estimation of all the coupling coefficients in the matrix K. However, under various
simplifying assumptions, simplified versions of Eq. (6.71) have been adapted for the
description of grain drying. In the drying of cereal grains, the temperature attained by the
grain is generally sufficiently small to regard the effect of total pressure gradient within the
particle as negligible (Luikov, 1966]. Eq. (6.71) then reduces to a two-equation system
involving only grain moisture content and temperature distributions, M, and T,

respectively.

Moreover, solid particles are assumed to be uniform in size and isotropic, with a sphericity
close to the unity. The driving forces which are necessary for mass and heat transfers to
take place inside a solid particle are defined as the difference between the vapor pressures
and temperatures of solid surface and the interstitial gas. With the relatively large particle
size, it becomes necessary to consider the gradient of moisture and temperature inside the
solid. For this reason, a diffusion type equation is considered for moisture and temperature
distributions with appropriate boundary conditions. It is assumed that moisture inside the
particle diffuses in the liquid phase to the surface of particles and the evaporation takes
place only at the surface. The general form of diffusion equation in conservative form is

written as:

a

~2 = v-(DvM,) (6.76)

In the one-dimensional spherical coordinate system and assuming the moisture gradient to
be in the radial direction, equation (6.76) becomes:

2

1 8 a
Fn =Tzz[”%—,’) ©77)
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with the following initial and boundary conditions:

t=0 0sr<R M,=M_,(r) (6.78)
M

t>0 r=0 —£=0 (6.79)
ot

For the second boundary condition, Eq. (6.77) should be integrated on the surface grid of
the solid in a way that would consider the effect of mass transfer between the surface of
particle and interstitial gas. The detailed integral is presented in chapter 7, but the general

form of equation is:

£ = DA 6.80
o1 ~psDA, (6.80)
where the mass convection term at the surface of particle can be written as:
o, = Pk A, (X,, - X,) (6.81)

The energy equation is:

(6.82)

alp,C,T,) la( kéTJ

or rt or ® or

and the initial and boundary conditions are:

t=0 0sr<R T,=T,() (6.83)
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1>0 r=0 —£=0 (6.84)
o1

For the second boundary condition the Eq. (6.82) should be integrated on the surface grid
of the solid in a way that would consider the effect of heat transfer at the surface of
particle. The detailed integral is presented in chapter 7, but the general form of equation is:

op,Ct1,) . T,
—_panLz Qevop. Y9 *+ 4 -k,pA,—arl (6.85)
The heat transfer of solid with interstitial gas and the wall of bed are g, , g, , respectively,

where ¢,,,, is heat transfer due to phase change. For each term we have the following

equations:
Gevop. = Moom, Mgy (6.86)
qp: =hpAp(7; —Tﬂ) (6.87)
Gp=hnA,\T,-T,) (6.88)

and the heat transfer coefficient between the solid and the wall is [Howard, 1989]:

h,, = 9—-8%——;”9""' (6.89)

P
This model takes into account the simultaneous heat and mass transfer during the drying
process as well as internal and external heat and mass transfer resistances. Taking into
account the temperature change will improve the fit of predicted drying curve at the
beginning of the process. Furthermore, replacing the surface equilibrium moisture content
by a convective boundary condition generally gives a better fit at the end of the process.
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Diffusion coefficients in the above equations are generally functions of moisture content
and temperature of the solid respectively, thus the above equations are coupled and should
be solved simultaneously. The boundary conditions for the surface of particles have a great
influence on the numerical solution. If the unsteady term in the boundary conditions is
neglected, the numerical solution may be unstable and fail to converge. If another type of
simplified boundary condition such as moisture equilibrium with the surrounding air is
applied, as many researchers have used, the numerical error in the initial step of solution
will be quite large. This error in the spherical coordinate system would be very noticeable
since the volume of grid at the surface is many times larger than the other grids.

The average moisture content of the wheat at any time can be obtained by integrating over

the grain volume,

R
M()= iV’i M, 1yia (6.90)
PO

6.5.2 The Constant Rate Drying

In the constant rate drying, the diffusion type equations for prediction of the temperature
and moisture content of solid need not be used because there is enough free moisture in
the solid. Usually, it is assumed that the moisture diffusion coefficient is close to infinity,
so the diffusion does not control the rate of drying process. To analyze the moisture
content and temperature of solid, a lump model differential equation can be used. The

—(MP V ): k p(le—X )

with the initial conditionas: =0 M_ =M o (6.92)

P
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The energy equation is:

d

E(,o,C,V,T,): ho AT -T,)- pk, 4, (X, - X Dy +h,4,.(T. ~T,) (693)
with the initial conditionas: =0 7,=T, (6.94)

6.6 The Wall Effect
In order to incorporate the effect of wall temperature on the heat transfer interaction

inside the bed, a differential equation for the wall region was developed. This equation
considers the effect of wall temperature on the interstitial gas and solid phase temperature
inside the bed. Similar to the flow field inside the bed, the wall was divided into equal
control volumes to be able to consider its longitudinal variation. The effect of ambient air
temperature was also considered through convection term with the external boundary of
wall. Considering the heat transfer of wall with interstitial gas, particles, and ambient air as

Qwi, Gwp, and Que, respectively, the energy equation for the wall is:

o,
vla'

0T, . . .
=k, ay;‘ + G + G + G (6.95)

p\vlC

where the equations for ¢, and ¢, are:

G =h, A, (T -T,) (6.97)
do =h. A (T -T,) (6.98)

and heat transfer coefficients are obtained [Howard, 1989]:
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0.13
h, = O_“i'_ﬁ (6.99)
dP
0.8434r°*k
hp. = __—d” ta (6.100)
P

The heat transfer coefficient between the wall and ambient air depends on the experiment
condition and may be different for each case. For the experimental condition conducted in
this work, an average heat transfer coefficient for turbulent natural convection flow in
vertical wall is used as [Bejan, 1993];

1

TV e

h, ke o‘szs+o.3zs(gﬂ(T" TH J (6.101)
H ay



CHAPTER 7
Numerical Analysis of Nonlinear Set of Partial Differential Equations

7.1 Discretization of Differential Equations

The next step after derivation of fundamental differential equations, is to use a proper
approach for discretization of these equations. The discretization can be derived in many
ways, hence one must choose the one which is the most appropriate for the nature of the

problem. These include:

1. Taylor series expansion
2. Polynomial fitting

3. Integral method
4

. Control-volume approach

Among these approaches, Taylor series expansion and control volume approaches are
widely used in the literature for different types of differential equations. Both methods
(Taylor series and control-volume) for discretization of equations were examined and
applied in the numerical program. It was found that convergence and stability of the
control volume approach is better than the Taylor series approach especially at high
temperature when the nonlinearity of the process is increased. Thus, the control-volume
formulation was chosen to be used in numerical implementation of partial differential
equations. The basic idea of the control-volume formulation lends itself to direct physical
interpretation. The calculation domain is divided into a number of nonoverlapping control
volumes such that there is one control volume surrounding each grid point. The
differential equation is integrated over each control volume. Piecewise profiles expressing
the variation of dependent variable between the grid points are used to evaluate the
required integrals. The discretization equation obtained in this manner expresses the

conservation principle for each control volume.
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7.1.1 Interstitial Gas Phase

First, let us consider the mass transfer equation for interstitial gas phase. As was
mentioned, the mass and energy equations derived for the interstitial gas belong to the
hyperbolic type of partial differential equations. Different schemes have been developed to
solve the hyperbolic type of equation, for examples, upwind method, Lax-Wendroff
method, MacCormack method and so forth. The difference in the quality of solution by
using different schemes are generally small except for some specific situations. The most
important feature of any scheme is its stability criteria. Since the implicit approach
provides a more stable solution than the explicit approach, therefore, this approach is used

in the discretization of differential equations under an appropriate scheme.

The interstitial gas equation includes unsteady, convection, and sources terms as:

4 0 6¢
E(pothi)-"g(anleiui): pakp(Xp —Xi)d—P+ paKibgb (Xb - X:) (71)
P

b = . - - e - m - - m - A

J+1
J_ .__.__dyhj _________ e J+1,2

T_---% N < J-112

b = = e — m e m m . - - -

Figure 7.1 Control volumes and grid-point cluster inside the bed.
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To denive the discretization equation, the grid-point cluster shown in Fig. 7.1 was
employed. The grid point j, which has the grid points j+1 and j-1 as its neighbors was
chosen as the focus of attention. The dashed lines show the faces of the control volume.

The letters j+1/2 and j-1/2 denote these faces. Integration of Eq. (7.1) over the control

volume give:
+1/2¢+, 1+A1 J+1/2 +1/2 1+
T Tty T 0o T 1)
J-12 ¢ t 12 J-Yy2 t P
I+ 2000
+ [ [pKot, (X, - X, Yitdy (1.2)

-2 1t

where the order of the integration is chosen according to the nature of the term. For the
unsteady term, the first term on the left side of Eq. (7.1), we shall assume that the grid-

point value of variables prevails throughout the control volume. Then,

J¥Y 2+
f‘é—(p‘#dtdy (o.x,6 ) - (o, X.e) by (7.3)

Jj=¥2 t
For the convection term the integration yields:

‘*f“]‘.’za(p 28"‘ J dydt = fkp Xeu)Y™ —(p,Xeu)y™" ]dt (7.9)
t #2

At this point a value for the variable at j+1/2 and j-1/2 must be chosen. A simple approach

is to use the central difference approach. This means for properties at j+1/2, the average of

properties at j and j+1; and for point j-1/2, the average of j and j-1 are used. However,

Patankar [1980] found that central difference approach may not lead to a real solution for

this type of partial differential equation. Therefore, the upwind scheme is used in this work
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for discretization of the convection term. Since it was assumed that the interstitial gas is in
plug flow, the velocity of gas always is upward. This means that j+1/2 can be replaced
with j and j-1/2 with j-1.

Another assumption is needed since a variable may vary with time from t to t+At. Many
assumptions are possible but an implicit approach is chosen to preserve the stability. The

result can be given as:

(1.5)

ﬂ(f’ Xy (o, X,eu)Y bt =[o, X 60 Y™ - (o, X,c, )" e

For the terms at the right side of Eq. (7.1), it was assumed that the grid-point value of
variable prevails throughout the control volume and the implicit approach can be used for
the variation with time. The final discretization form of the mass balance equation for the

interstitial gas is:

[(paeiXi Yy -(o,6,X, ) ]Ay + kpagf":X. Y (.6 X, )M'Hkt )

nel,y

6¢e
{p,,k,,(xp - X, )d—" +p.K,6(X,-X)| Ayar (1.6)

P

Next, a similar approach for the energy equation in the interstitial gas can be applied since
both equation are of the same type. The discretized form of the energy equation is:

[(Pacfé‘,ﬂ Yy -(p.Ce ) ]A,V + kPaC Eu Y™ ~(p,CouT )" ].—.

[h,(T, “T)2 4 o (K, - X )EC, (T, 1) Hye (1, - )
P P



p,Ka,e,,(Xb—X,-)CV(T,,—T.)+h,(T,—T.»)(';€”)} AyAt (1.7

ek

7.1.2 The Bubble Phase

The mass and energy equations for the bubble phase, like the interstitial gas phase, belong
to the hyperbolic type of partial differential equations. The basic assumption for the bubble
phase is the same as the interstitial gas phase. A similar approach can be used to discretize
the mass and energy equations for this phase.

For the mass balance it becomes:

[(pangb )MJ —(paebXb )M }3)"" kpagbubXb )MU -(pagbubXb )M]A’ =

[o.K 6, (X, - X, ) Ayar (1.8)

and for the energy balance it is:

(oceny™ -(.cany by+lo.cant ™ - (oo 1) =

[H,6,(T, - T,)+ p.K o6, (X, - X,)C,(T, - T, )" Ayar (1.9)

7.1.3 The Solid Phase

Contrary to the hyperbolic nature of interstitial gas and bubble phases, the mass and
energy equations for the solid phase belong to the parabolic type of partial differential
equations. The parabolic system of differential equation has numerous important
applications in various branches of science and engineering. Therefore, a lot of different
discretization schemes have been developed for this type of equation, among them are:
simple method, Crank-Nicolson method, Dufort-Frankel, ADI and ADE methods. Like
the approach for the hyperbolic system of equations, an implicit approach is used in the
discretization of the solid phase equations.
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Another difference between the characteristics of solid phase and gas phase equations is
the type of coordinate used in any case. For discretization of gas phase equations,
Cartesian coordinates were used, but the solid phase discretization should be expressed in
the spherical coordinate because of the spherical shape of particles. These are the two
basic differences between the gas phase and the solid phase characteristics. To develop a
discretization formula in spherical coordinates, the one-dimensional mass diffusion

equation is considered:

M 1 & 7%
L=z—e—|r’D—L 7.10
o 7 ar(' a"r] (7:10)
dr |

i

dr=dr gdr .,

Figure 7.2 Control volumes and grids in spherical coordinates.

The grid and the control volume are shown in Fig. 7.2. To obtain the discretization
equation, Eq. (7.10) is multiplied by 477° and integrated over the control volume and over
the time interval from t to ¢+ A as shown in Fig. 7.2, yielding;

h‘l[/u]u“”rz %d‘w _ t]mj+j/24”ai(rzl)%yd (711)

-2 @t r



For the representation of the term @,/& , we shall assume that the grid-point value of M,
prevails throughout the control volume. Then,

1 Foor G =, -t o2

=2 1

Here AV is the volume of the control volume. The diffusion term in Eq. (7.11) can be

integrated over the control volume yielding:

,29%
or

t+A21+1/2
g ( 4ndt

or

}#dt = ‘]NI:"EWDM/: (A'Ipm —Mp,)_ 'iil/zDi-l/Z P: -MP'-l)

AT, : or,, or,,

(7.13)

Now, an assumption about how M, varies with time from t to 7+ 4¢ is needed. Here we
express the general form of equation using a weighting factor f which can vary between 0
and 1.

- el n+l nel nel
J,A’ j’z o (rZD W‘, Pdl _ f[r,illzbwllz Pis _Mm )_ "'EIIZDHM Pi _M"" ):lAI +

t f-l/zE or or,, or,_,

i+1/2%i+1/2 p:,l - p:. -y2*i-1/2 p: - p:_l
L M,r -M,2) 72D, M, -M
5’i¢l 5’-

)JA: (7.14)

The final form of Eq. (7.10) in discretized form is,

g arAr or,.,
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(l _f{rliI/Zlelz p:i‘ -Mp:.)_ rlillzDi-llz(Alp," —MP:'-I) At (7 15)

or, or,_,

i+l

In the numerical program, /=0.5 was used which is known as Crank-Nicolson scheme.
The interface diffusivities are calculated based on the harmonic mean as,

2D,D,

R niundt bt ... TN 7.16
e Dl +Dl‘+l ( )
2D.D
Di-l/Z = D _;‘D'_-l (7.17)
i i-1

For the boundary condition, Eq. (7.10) should be integrated over the surface grid
considering the effect of surface mass transfer with the interstitial gas. Figure 7.3 shows
the boundary condition of solid phase. In this figure m_,,, is the net mass exchange
between the solid and interstitial gas and it could be in either direction depending on the

vapor pressure of each phase. So the direction of the arrow in this figure is arbitrary.
Integrating along the boundary grid we can write,

i t+Ar W A W
J‘ | anr* —Ldrdr = J’ | 4ni(r20—'}ydz (7.18)
=12 ¢ ot ti-12 or 5"

— "

\ 1 \ i\— m_,

—= > —
/ "17 —:
dry

i ]

Figure 7.3 Half control volume at boundary condition for mass exchange at the surface.
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It should be noticed that the thickness of the boundary grid is one half of the interior grids.
The integration results in:

1+

- » . aM
Pi l -MP, )ppAVl = j |menv _[pPAl-UZDl-VZ (-—a_ri] ]:Idt (719)
t -2

Using a weighting factor f to show the variation of variables in term of time and
substituting for mass convection from Eq. (6.81), the final form of discretization equation
of boundary layer is:

iy VAV, ba, -m,) br,r-m,7)
2 l-MP.)'m=_fl:A.-uzD:-wz - ot ~t '(l_f A:-l/zD:-uz'pTle—
+f[ Lo a(xm - X;:')}f(l— {p"k A(xr - X")} (7.20)
Py Py
The energy equation for the solid phase is:
5(p, C, p) 1 (., 97,
—_—| r’k, — 7.21
rorl "o (7.21)

The discretization of the energy equation is the same as the mass balance equation. The

final form of discretization equation can be given as:

Ar Nt or or

i+l i-]

kppCpr ):ﬂ ~ (pp ),]AV I: ril/Z Pis1/2 m:l _ TP:M )_ riil/Zktm-uz (TP:M _ Tp::) At
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+(1 _ f{’ﬁmk%ﬂg(ﬂ,:’l ~ TP:')_ r’il/zk’h-llz (TPI" ~ TP:—I) At (722)
rl‘ﬂ 5’:-!

For the boundary condition, Eq. (7.21) should be integrated on the surface grid of the
solid considering the effect of heat transfer with interstitial gas and the wall and also the
latent heat due to evaporation. Figure 7.4 shows the contribution of different parameters

acting on the surface of a particle. In the figure, q,,,, 4x> 9 represent the heat transfer

due to the evaporation of moisture on the particle, between the particle and the interstitial
gas, and between the particle and the wall, respectively.

dr I dri2 r

Figure 7.4 Half control volume at boundary condition for heat exchange at the surface.

The final form of discretization equation for boundary grid is:

[(ppCpr ).-M - (ppCprXkVt

4dr At

e -nm)]
or

= -f[Ai-llzkfm-l/z

(Tm’I - Tp:..l)

( -f{A,-.,zk.,,-.,, TJU[’!,&(W" 1,7} (- o, a7 - 7,7

+f[pakp‘41 (X"M —XP:M )n;l ]+(l_f‘pakpAl(th 'Xp:)';:]"'
Pt -1, W (- P4, 2 -1,7) (7.23)
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7.2 Method of Solution

As was mentioned in the last chapter, the governing partial differential equations in
fluidized bed drying are generally of two types. For the gas phases (bubble, interstitial gas)
the equations are first-order hyperbolic partial differential equations, while for the solid
phase the equations are second-order parabolic partial differential equation. The proper
choice of solution method is very important due to dual nature of these equations.
Moreover, the system of partial differential equations are coupled and non-linear, which
required special attention to reach to the converged solution. Direct methods are not
usually employed for nonlinear equations since they are not economical. The alternative,
then, is iterative methods for the solution of discretized equations. Iterative methods
usually require very small additional storage in the computer, and they are especially
attractive for handling nonlinearities.

The gas flow field is divided into a finite number of control volumes after considering the
bed expansion to account for the axial change in the gas properties. The solid phase is also
divided into finite control volumes to account for variation inside the particles. (Control
volumes inside the solid, are called grids to differentiate between the control volumes

inside the bed, and prevent confusion).

The solution procedure starts with assuming arbitrary values for all dependent variables in
the equations. Next the Gauss-Seidel iterative method is employed to solve the set of
equations simultaneously for the first control volume of the bed, which is located at the
bottom of the bed attached to the distributor plate. The iteration continues and successive
repetition of the algorithm finally leads to a solution that is sufficiently close to the correct
solution. After convergence, the moisture and temperature distributions in the solid as well
as other parameters related to the gas flow (such as temperature and humidity of the
bubble and interstitial gas, and bubble size and velocity) inside the first control volume can
be specified. Then, the solution marches into the next control volume and again all the
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properties of three phases are calculated for the condition of this control volume. The

marching procedure continues until it reaches the last control volume.

In an aggregative fluidization state, the particles in the bed continuously mix due to the
movement of bubbles. Since the mixing rate of particles is high, and the time scale of
mixing could be as low as the gas residence time in the bed, an average moisture and
temperature distribution of all solids in the bed can be assumed. Since the bed is divided
into different control volumes and the conditions of the interstitial gas and bubble phases
are different in each control volume as they proceed through the bed, therefore, the solids
inside each control volume may have different moisture and temperature distribution. The
moisture and temperature values of the same grids of solids at different control volume are
averaged to obtain an expression for the average moisture and temperature distributions of
the solids. This means that the fluidized bed was considered as a fixed bed during the
numerical time step and accordingly the distributions of moisture and temperature of
solids in each control volume in the bed are calculated and, subsequently averaged to
obtain the moisture and temperature distributions of particles at that time step. It should
be emphasized that this averaging is only with respect to the bed height (the axial direction
of bed). After the averaging there are still moisture and temperature distributions inside
the particle, but they are averaged of all the distribution of particles in the control

volumes.

In simulation of fixed bed drying (deep bed drying) the averaging step is not required in
axial direction since the particle positions are not mixing in the bed, and their positions are
fixed. Therefore, there is a gradient of moisture content of solids along the bed for this
type of drying which is not desirable.

After the average moisture distribution of solid was determined, the average value of the
moisture in the solid at any time is calculated using Eq. (6.90).
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7.3 Under-relaxation

In the case of solving nonlinear system of equations, it is often desirable to speed up or
slow down the changes in the values of dependent variables from iteration to iteration
before convergence to an acceptable level of accuracy is achieved. If the changes in the
variable are accelerated, the process is called over-relaxation and if the changes in the
variables are decelerated the process is called under-relaxation. The choice of using over-
relaxation or under-relaxation is problem-dependent and is mostly determined by the
nature and degree of nonlinearity of equations. Over-relaxation is useful when the
direction of change in the solution is observed and it is anticipated that the same trend is
valid for the following steps. So one may accelerate the solution by making an arbitrary
correction to the intermediate values of the unknowns in the direction of change. In this
way, less iterations are needed before achieving the final solution. Over-relaxation is
usually appropriate for numerical solution to Laplace’s equation with Drichlet boundary
condition. Under-relaxation appears to be most appropriate when the convergence at a
point is taken an oscillatory pattern and tends to “overshoot” the apparent final solution.
Under-relaxation is a very useful device for nonlinear problems. It is often employed to
avoid divergence or oscillation in the iterative solution of strongly nonlinear equations. In
the course of this numerical work, it was found that for the drying equations the under-
relaxation approach is necessary and should be used. Without employing under-relaxation
approach the solution may not converge to the final point and may oscillate around both
sides of the exact solution for a long time. This could be attributed to the highly nonlinear
nature of the governing equation specially the sorption isotherm equation. Because of the
strong nonlinear behaviour of the sorption isotherm equation, the solution should proceed
with a small change to be able to capture the nonlinear pattern of the equation. Otherwise,

the solution may overshoot and oscillate continuously with no convergence.



103

A question may arise here, how can we properly determine a good or even the best value
for under-relaxation coefficient (@)? There are no general rules for choosing the best value

of under-relaxation coefficient (o) but some guidelines can be given.

In the moderate temperature drying the under-relaxation coefficient close to one is
adequate for getting the convergence but as the temperature of drying medium rises, the
under-relaxation coefficient must decrease. It should be noticed that even though the
under-relaxation coefficient helps to converge to the solution, it also increases the time of
computation and more iterations are required to reach to final solution. So it is not
recommended to use too small a value of @ and in any case it is better to use the maximum
acceptable value of W to reduce to the computation time. Usually some numerical
experimentation is required to find @ for any specific case.
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CHAPTER 8

Numerical Solutions and Comparison with Experimental Resuits

8.1 Introduction

In order to assess the validity of the mathematical model and test its accuracy, the results
of numerical solutions are compared with experimental data for wheat and com grains.
Wheat and corn are among the main commodities of agricultural products and have
extensive application in drying systems and therefore the accuracy of results for these two
products are of primary concern. Furthermore, as the desorption isotherms of these
materials are well documented, it is possible to accurately simulate the drying processes.
Both wheat and corn are hygroscopic materials with very low diffusivity. However, the
nature of the moisture diffusivity and the size of material are very different. Moisture
diffusivity of wheat is dependent only on temperature but for corn it is a function of both
temperature and moisture content of particles. The other difference is in the size of
kernels. The size of the corn kernels is usually many times larger than that of wheat
kernels. These differences may cause a different pattemn of drying for these particles.
Usually, no constant rate period is observed in the course of drying of these materials in
the moderate range of initial moisture content, and their drying take place in the falling
rate mode. This means that immediately after these particles are exposed to the drying
medium, the surface moisture of the material will be removed rapidly due to low external
resistance for heat and mass transfer. But later on, the moisture removal will decrease
noticeably with time because the inner moisture will face the internal resistance and diffuse
gradually to the surface. This scenario suggests that for these types of materials the initial
drying rate would be high (due to removal of moisture surface) but then it would diminish
rapidly after the removal of the moisture surface.

8.2 Assumptions
In developing the mathematical model, attempts have been made to avoid using
simplifying assumptions so that a more accurate and general model can be used to analyze
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real industrial drying configurations. Although this approach makes the mathematical
model more complex, it provides a powerful model that can be used to evaluate the effect
of different parameters without making expensive and repetitive experimentation.
Fortunately the development of efficient, accurate and stable numerical techniques,
together with the increasing power of modern computing systems readily available at
relatively low costs, make it possible to apply this type of complicated model for design
and research purposes in drying systems. However, in spite of this effort, there are many
areas that still need to use simplifying assumptions. Those are mostly because of the lack
of experimental data to use for modeling purposes, or lack of their importance in the
drying process. Each of these assumptions can, to a greater or lesser degree, be justified
experimentally. The following assumptions were made in the development of the model

and numerical solution.

1. All particles within the bed are uniform in size with a sphericity close to unity that can
be approximated as a sphere,

2. The particles are isotropic,

3. There is no shrinkage of particles during drying,

4. Moisture movement inside the particle takes place in the liquid phase.

8.3 Comparison of Model and Experimental Results for Wheat Particles

8.3.1 General Agreement

Drying tests were carried out on the wheat particles to obtain complete and reliable
experimental results for comparison with the results of mathematical model. Different
types of data are collected during each experiment run. These are: temperature at different
bed heights, humidity of outlet air, bed pressure drop, air velocity, and moisture content of
material at different times. These data compare reasonably well with the results of the
mathematical model. In the following, the results are compared for two different
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temperatures namely 49.5 °C and 65.0 °C to show the degree of agreement between the
model and experimental data. For all practical purposes, the most important aspect of the
drying result is the agreement of moisture content between prediction and experimental
data. However, other parameters are also very useful for understanding the nature of
drying and its physiochemical properties.

8.3.1.1 Comparison of Results at T=49.5 °C

Figures 8.1 presents a comparison of the model prediction for the moisture content
evolution with the experimental results for the inlet air temperature of 49.5 °C. As can be
seen from the figure, a very good match was observed between the experimental and
theoretical results.

Figure 8.2 compares the variation of drying rate versus time for model prediction and
experimental results. The drying rate is very high at the initial stage due to rapid
evaporation of surface moisture. But it decreases exponentially when all the surface
moistures evaporate and the drying front diffuses inside the particle. Usually, surface
moisture evaporates very fast due to high heat and mass transfer coefficient in fluidized
bed systems. A constant rate drying period is not seen for the given condition.

Figure 8.3 presents the variation of drying rate in terms of moisture content of particles.
Model prediction is in good agreement with experimental results except for the initial
stage of drying. This can be explained by the fact that the high drying rate at the initial
stage is very short lived and its detection by experimental devices is difficult.

Figure 8.4 compares relative humidity of air at the exit of the bed. As seen in the figure,
after the initial stage of drying, the variation of exit humidity is very small. At the initial
stage of drying, a difference between experimental and numerical results is obvious. This
may be attributed to the initial response time of humidity transducer. Before the start of
the test, the value of humidity is very low (equal to the inlet relative humidity) it then
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undergoes through a fast change, so the transducer may not have enough time to respond
quickly to these changes. Furthermore, the existence of a filter on the transducer probe
which prevents from contacting particles with the tip of the probe, makes the response

time even longer.
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Figure 8.1 Comparison between experimental data and model predictions for moisture content vs.
time.
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Figure 8.2 Comparison between experimental data and model predictions for drying rate vs. time
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Figure 8.4 Comparison between experimental data and model predictions for relative humidity of

exit air vs. time.



109

o
&

o
w

o
3

Dryingtime, min. te80 N\

o
N

o
-

Moisture content (gr/gr, d.b.)
o
o

o
3

o

02 04 06 08 1
/R, Normaized radius (-)

o

Figure 8.5 Predicted moisture distribution profiles inside the wheat kernel.
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Figure 8.6 Predicted moisture distribution profiles inside a wheat kemel vs. time.
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Figure 8.7 Predicted temperature distribution profiles inside the wheat kernel.

Figures 8.5 shows the model prediction of average moisture content distribution of
particles inside the bed. The moisture content shows a significant concentration gradient
inside the particle which is an indication of high mass transfer Biot number for the wheat.
This also means that the limiting mechanism of heat and mass transfer is primarily of an
internal nature.

Figure 8.6 presents the moisture distribution inside the particle at different times of
drying. This graph helps to better understand the gradient of moisture distribution as time
elapses. As it is clear in the graph, the moisture at the surface of particle initially decreases

very fast and then undergoes a more gradual variation.

Figures 8.7 shows the model prediction of average temperature distribution of particles
inside the bed. Contrary to the moisture distribution, the temperature profile is quite flat
which is an indication of low heat transfer Biot number for the wheat. No attempt was
made to measure these distributions experimentally ;ince the result would not be reliable
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due to the interaction of the measuring device on the wheat properties during the

measurement.

Figures 8.8 shows the temperature-time profile at a bed height of 2 cm (H=2cm). Initially,
the temperature gradient is very high, but as time passes its variation becomes very small.
The experimental results show good agreement with the numerical results. This agreement
is very important since, as it will be shown later, the temperature has a significant effect on
the drying rate and any important discrepancy in temperature comparison between model
and experiment may indirectly indicate an error in the moisture content prediction. Figure
8.9 shows the temperature-time profile at the exit of bed and also on the surface of the
particles. The agreement between model prediction and experimental results is clear. The
air temperature at the exit is very close to the particle surface temperature. Figure 8.10,
shows temperature distribution inside the bed at different times. At the beginning of
drying, the gradient of temperature is important, and after a while the temperature
distribution in the bed becomes nearly uniform. Since in the initial stage the drying rate is
very high, it is important to take into account the temperature gradient inside the bed for
accurate modeling of the drying process.
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Figure 8.8 Comparison between experimental data and model prediction for gas temperature at
H=2cm.
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Figure 8.9 Comparison between experimental data and model predictions of exit gas temperature.
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Figure 8.10 Comparison between model predictions and experimental data for gas temperatures as
a function of bed height at different times.
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8.3.1.2 Comparison of Results at T=65 °C

The comparison of data are shown for an inlet air temperature at 65.0 °C. This
temperature is somewhat higher than the last run (49.5 °C) and can evaluate the reliability
of model prediction in a more critical environment. Temperature has an important effect
on the drying rate of any type of material and therefore any deficiency of the mathematical
mode! can be better evaluated at higher temperature tests. However, there is some
restriction on the limit of temperature for drying of grains due to possible damage to the
quality of grain and its physical properties. It is generally accepted that a grain
temperatures higher than 65 °C leads to considerable damage on the germination capacity
and quality of grain (Giner and Calvelo, 1987). Also, other effects like drying-induced
stress and cracking may deteriorate the physical quality of grain.

Wheat, T=65C, Us1.96ms,
0.3 RH=18.5%, Wb=2 5kg, Tpm6C

Moisture content (grigr, d.b.)
o
>

0.1
¢ Experiment
0051 | _—— model
0 ' —
0 20 40 60 80
Time (min.)

Figure 8.11 Comparison between experimental data and model predictions for moisture content vs.
time.

The general trends of data for the test at T=65.0 °C are the same as test at T=49.5 °C,
except that for the former, the drying rate is higher and drying time is considerably shorter.
A comparison of model predictions and experimental results in the following figures
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shows that the agreement is very good and the mathematical model can predict the
behaviour of the drying process successfully.

Wheat, T=65C, U=1.96nvs,
RH=18.5%, Wb=2.5kg, Tpi=6C

Dryind rate (gr/gr, d.b. sec)

o
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Figure 8.12 Comparison between experimental data and model predictions for drying rate vs. time.
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Figure 8.13 Comparison between experiment and model predictions for drying rate vs. moisture
content.
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Figure 8. 14 Comparison between experiment and model predictions for relative humidity of exit
air vs. time.
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Figure 8.15 Predicted moisture distribution profiles inside the wheat kemel.



0
20
'geo
2 B & ¢
YEEEEEEE:
Radus

035
[0.3
0.25
0.2
0.15
+0.1
+0.05

Figure 8.16 Predicted moisture distribution profiles inside the wheat kemel vs. time.
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Figure 8.17 Predicted temperature distribution profiles inside the wheat kernel.
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Figure 8.18 Comparison between experimental data and model prediction for gas temperature at
H=2cm.
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Figure 8.19 Comparison between experimental data and model predictions for gas temperature at
exit.
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Figure 8.20 Comparison between model predictions and experimental data for gas temperature as a
function of bed height at different time.

8.3.2 Effect of Temperature

In order to compare and analyze the effect of independent variables on the drying rate and
also to evaluate the degree of accuracy of model prediction at different conditions, tests
were performed with changing one variable and keeping the other variables constant.
Figure 8.21 presents the effect of air temperatures on the moisture content of particles
versus time. Since the initial moisture contents of particles are different, the normalized
moisture content can provide a more meaningful way for comparison of the results.
Therefore, it is used for analyzing the data. Conditions of inlet air and particles for each
test are given in Table 8.1. It can be seen from Fig. 8.21, that the temperature of the
drying medium (air) significantly influences the drying curve of particles. Increasing the
temperature, effectively reduces the moisture content of particles for the same period of
drying time. Figure 8.22 shows the variation of drying rates in terms of time for different
temperatures. A clear difference is observed between the drying rate curves at different
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temperatures. These differences at the initial stage of drying are higher than at the final
stage. Figure 8.23 shows the variation of drying rate in terms of normalized moisture
content. Since the initial moisture content of grain used in the tests at different air
conditions are different (Table 8.1) comparison of drying rate in terms of absolute
moisture content may be misleading. The results clearly display the differences between
drying rates and the extent of temperature on the drying rate.

Table 8.1 Experimental conditions for investigating the effect of temperature.
TCC | Mu@b) | Wy(kg) [ RH(%) | U(m/sec) | T, (°C) | T (°C)

Run 8 40.5 0.326 2.50 21.1 1.95 220 7.0
Run 6 49.5 0.300 2.50 13.5 1.95 18.0 6.0
Run 11 65.0 0317 2.50 18.5 1.96 220 6.0

11 _
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1 A Experiment, Ts49.5C
® 09/ ® Experiment, T=65C
—— Modeils
08 4
07+
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< 05
g 04
03
02 ' ' .
0 20 40 60 80
Time (min.)

Figure 8.21 Effect of inlet air temperature on drying and comparison between experimental and
numerical results for wheat.
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Figure 8.22 Effect of inlet air temperature on drying rate and comparison between experimental

and numerical results for wheat.
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Figure 8.23 Effect of inlet air temperature on drying rate and comparison between experimental
and numerical results for wheat.
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8.3.3 Effect of Bed Hold up

Figures 8.24 and 8.25 show the effect of bed hold up on the variation of moisture content
of particles, and the drying rate, respectively. The test conditions are given in Table 8.2.
As can be seen, although the content of bed material increased by a factor of two, its
effect on drying rate is seen to be relatively small. The drying rate of particles increase
slightly as the bed hold up decreased. This means that one can use as much material as
possible in the bed for drying without a significant reduction in the drying rate. However,
there are practical restrictions for the amount of maximum bed material due to the
slugging phenomenon in the fluidized bed. When the hold up of bed increases, the bed
height also increases and for an aspect ratio more than one the bed behaviour gradually
change from the bubbling mode to the slugging mode. This is the case for group “D”
particles, but for other groups the bed can reach a higher value of aspect ratio without
showing any slugging effect. DiMattia [1992] found that slugging has little effect on the
drying rate of group “D” particles so one still can use this mode of fluidization in the
drying if other side effects of this phenomenon could be neglected.

Figure 8.26 shows the variation of drying rate in terms of moisture content of particles.
Since the initial moisture contents of particles are close to each others (Table 8.2), the
absolute moisture content is used for presenting the results in this figure. This figure also
shows the effect of bed hold up on the drying rate of wheat particles is negligible.

Table 8.2 Experimental conditions for investigating on the effect of bed hold up.

TCO | Mu@b) | Wy(kg) | RH (%) | U(misec) | T,(°C) | T, (°C)
Run 6 49.5 0.300 2.50 13.5 1.95 18.0 6.0
Run 13 49.5 0.311 1.25 173 2.00 19.5 6.0
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Figure 8.24 Effect of bed hold up on drying and comparison between experimental and numerical
results for wheat.
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Figure 8.25 Effect of bed hold up on drying rate and comparison between experimental and
numerical results for wheat.
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Figure 8.26 Effect of bed hold up on drying rate and comparison between experimental and
numerical results for wheat.

8.3.4 Effect of Gas Velocity

Figures 8.27 through 8.29 show the effect of gas velocity on the drying process, and
compare the experimental results with model predictions. The test conditions are listed in
the Table 8.3. For a reduction of about 15% in the air velocity, the changes in the drying
properties are hardly distinguishable. The most significant effect take place at the very
initial stage of drying, when the surface moisture content is being removed from the
grains. After that, the effect of velocity is not important. The reason for the narrow
difference in velocities between the two tests conditions can be related to the problem with
fluidization of wet particles in the initial stage of drying. Since wet particles fluidization
needs higher gas velocity, it was not possible to reduce the velocity very much.

Table 8.3 Experimental conditions for investigating the effect of velocity.

T(EC) | Mu(@b) | Wy (g) | RH (%) | Um/sec) | T, (°C) | Ty (30)
Run 6 49.5 0.300 2.50 135 1.95 18.0 6.0
Run 12 50.0 0.323 2.50 15.7 1.63 230 6.0
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Figure 27 Effect of gas velocity on drying and comparison between experimental and numerical

results for wheat.
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Figure 8.28 Effect of gas velocity on drying rate and comparison between experimental and
numerical results for wheat.
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Figure 8.29 Effect of gas velocity on drying rate and comparison between experimental and
numerical results for wheat.

8.3.5 Effect of Initial Moisture Content

Figures 8.30 shows the effect of initial moisture content on the drying curve and compare
the experimental results with model predictions. In order to show the different trends of
drying, both normalized and absolute moisture content curves are presented in the graph.
The test conditions are listed in the Table 8.4. The figure shows that although the absolute
moisture content curves are apart from each other, the normalized moisture content does
not show any significant difference between two curves. One possible reason could be the
lack of dependence of diffusion coefficient on moisture content for wheat particles. Figure
8.31 shows the effect of initial moisture content on the drying rate. Increasing the
moisture content cause a time lag on the maximum drying rate in the initial stage of
drying. Therefore, the start up period and initial rising of the drying rate can be seen in the
graph. Absolute drying rate shows higher value for particles with high moisture content
which is mostly due to the time lag of drying rate. Figures 8.32 and 8.33 show the
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variation of drying rate versus moisture content in two forms, first absolute moisture
content, and secondly normalized moisture content. As it is clear from comparison of two
curves, in the absolute form the drying rate for low moisture content seems to be higher,
but in the normalized form the trend is converse and drying rate is higher for particles with
higher moisture content. This difference indicate that if the initial moisture content of
particles are different, the best way for comparison is using the normalized moisture

content.

Table 8.4 Experimental conditions for investigating the effect of initial moisture content.

TCEC) | Mu(@db) | Wy(kg) | RH(%) | U(m/sec) | T.(°C) | Tp(°C)
Run 2 54.5 0.409 2.54 17.0 191 20.5 70
Run 4 54.0 0.307 2.48 14.7 1.93 20.0 70
12
o Experimant, Mpi=0.409
k-%
3
3 Mpie0.409
024
. Mpi=0.307
0 20 © 60 80 100
Teme (min.)

Figure 8.30 Effect of initial moisture content on drying and comparison between experimental and
numerical results for wheat (top curves are normalized and bottom curves are actual
moisture content)
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Figure 8.31 Effect of mitial moisture content on drying rate and comparison between experimental
and numerical results for wheat.
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Figure 8.33 Effect of initial moisture content on drying rate and comparison between experimental
and numerical results for wheat.



129

8.4 Comparison of Model and Experimental Results for Corn Particles

8.4.1 General Agreement

As a second particle, com was used to compare the model predictions with the
experimental results and evaluate the accuracy of the model. Corn grains are usually many
times bigger than wheat grains and their mass diffusivity, unlike the wheat particles,
depends on moisture content. Since the mass diffusion is controlling the rate of drying
process, it is possible that corn will have a different pattern in the drying process. Another
change, that is required in the numerical implementation of the model for corn particles, is
about the number of grids. Because the diameter of corn grains is larger, the number of
grids used in the solution must be larger than that of the case for wheat particles. The
number of grids used for corn particles is 40 compared to 20 for wheat particles.

In the following, model and experimental results are presented for the inlet temperature of
air at 50.0 °C to display the degree of agreement between them. Figure 8.34 indicates the
variation of the average moisture content versus time. The predicted moisture content and
experimental data are in good agreement. Similar to the results obtained for wheat
particles, the constant drying rate is not realized in the drying curve. This could be better
observed from Fig. 8.35, which shows the variation of drying rate. It can be seen that at
the initial stage, the drying rate is very high due to fast evaporation of surface moisture,
but then it decreases exponentially when the surface moistures evaporates and drying front
diffuses inside the kernel. This trend can also be seen in Fig. 8.36, which presents the
variation of drying rate in terms of moisture content of particles. Figures 8.37 through
8.43 show different experimental results versus model predictions. Examination of these
results shows that reasonable agreement between model predictions and experimental
results is obtained.
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Figure 8.34 Comparison between experimental data and model predictions for moisture content vs.
time.
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Figure 8.35 Comparison between experimental data and model predictions for moisture content vs.
time
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Figure 8.36 Comparison between experimental data and model predictions for drying rate vs.
moisture content.
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Figure 8.37 Comparison between experimental data and model predictions for relative humidity of
exit air vs. time.
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Figure 8.38 Predicted moisture distribution profiles inside the corn kemel.
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Figure 8.39 Predicted moisture distribution profiles inside the corn kemel vs. time.
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Figure 8.40 Predicted temperature distribution profiles inside the wheat kernel.
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Figure 8.41 Comparison between experimental data and mode! prediction for gas temperature at
H=2 cm.
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Figure 8.42 Comparison between experimental data and model predictions of exit gas temperature.
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Figure 8.43 Comparison between model predictions and experimental data for gas temperature s a
function of bed height at different time.
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Figure 8.44 Effect of inlet air temperature on drying and comparison between experimental and
numerical results for com.

8.4.2 Effect of Temperature
Figures 8.44 through 8.46 show the effect of temperature on the drying characteristics of

T(C) | Mu(db) | Wy (kg) | RH(%) | U(m/sec) | T.(°C) | Tn(°C)
Run C1 50.0 0.256 2.50 15.2 2.22 17.0 7.0
Run C3 63.0 0.246 2.5 17.5 2.24 17.5 7.0
11
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83
8084
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corn grains, and compare experimental results with model predictions. The test conditions

are listed in Table 8.5. It can be seen that temperature has an important effect on the

drying time. These figures clearly indicate that increasing the air temperature decreases the

moisture content considerably and the time required to reach a specific moisture content

reduces substantially. Also, for high temperature tests the drying rate at the initial stage is

higher than the low temperature test, but the difference between the two curves decreases

quickly as the moisture content of particles decreases and surface moisture is removed.
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The only problem for using very high temperature drying is its side effect on the quality of
grain. Fast drying of grain may create thermal stresses and damage to the physical
properties of grain.

Time (min.)

Figure 8.45 Effect of inlet air temperature on drying rate and comparison between experimental
and numerical results for com.
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8.4.3 Effect of Bed Hold Up

Figures 8.47 through 8.49 show the effect of bed hold up on the drying process and
compare the experimental results with model predictions. The test conditions are listed in
Table 8.6. The bed hold up shows little effect on the drying process for corn particles
which was also observed for the wheat particle. This means that one can use as much as
material in the bed for drying and increase the efficiency of process. However, the
restricting parameter in increasing the bed material is the slugging phenomenon which

already was discussed for the wheat particle case.

Table 8.6 Experimental conditions for investigating the effect of bed hold up.

TCC) | Mu(db) | Wy (kg) | RH(%) | U(m/sec) [ T.(°C) | T (°C)
Run C1 50.0 0.256 2.50 15.2 222 17.0 7.0
Run C2 50.0 0.240 1.25 154 223 170 7.0

¢ Experiment, Wbs=2.50 kg
A Experiment, Wb=1.25 kg

-§°s I — Model
08 ¢
07
g 0.6 -
0S5 ¢
04 ' '
0 20 40 60 80 100
Time (min.)

Figure 8.47 Effect of bed hold up on drying and comparison between experimental and numerical
results for com.
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Figure 8.48 Effect of bed hold up on drying rate and comparison between experimental and
numerical results for com.
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Figure 8.49 Effect of bed hold up on drying rate and comparison between experimental and
numerical results for com.
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8.4.4 Effect of Gas Velocity

Figures 8.50 through 8.52 show the effect of gas velocity on the drying process and
compare the experimental results with model predictions. The test conditions are listed in
Table 8.7. For the air velocity reduction about 15%, the change in the drying process is
hardly noticeable. The most noticeable variation takes place at the very initial stage of
drying, when the surface moisture content is removed from the grains. After that, the
effect of velocity becomes unimportant. The reason for choosing a narrow difference in
velocities between two tests conditions was with the problem of fluidization of wet
particles at the initial stage of drying. Since wet particles need higher gas velocity for

fluidization, it was not possible to reduce the velocity to a lower value.

Table 8.7 Experimental conditions for investigating the effect of velocity.

TCC) | Mu(db) | Wy(kg) | RH(%) | U(mv/sec) [ T.(°C) | Tn(°C)
Run C1 50.0 0.256 2.50 15.2 222 17.0 70
Run C4 50.0 0.257 2.50 17.5 1.88 176 7.0
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Figure 8.50 Effect of gas velocity on drying and comparison between experimental and numerical
results for com.
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Figure 8.51 Effect of gas velocity on drying rate and comparison between experimental and

numerical results for com.
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Figure 8.52 Effect of gas velocity on drying rate and comparison between experimental and
numerical results for com.
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8.4.5 Effect of Initial Moisture Content

Figures 8.53 through 8.56 show the effect of initial moisture content of grains on the
drying process and compare the experimental results with model predictions. The test
conditions are listed in Table 8.8. As it can be seen, corn particles with a higher moisture
content dry faster than those with a lower moisture content. This trend for the corn
particles is different from the one for wheat particles. The mass diffusion coefficient of
corn, unlike wheat, is a function of moisture content. Therefore, increasing the moisture
content helps faster migration of moisture to the surface of the corn. Drying rate versus

time also shows a higher value for the corn which has a higher initial moisture content.

Table 8.8 Experimental conditions for investigating the effect of initial moisture content.

T(C) | My (d.b) | Wy(kg) [ RH(%) | U(misec) [ T, (°C) | Tpu(°C)
Run C1 50.0 0.256 2.50 15.2 2.22 17.0 7.0
Run C5 50.0 0.324 2.5 17.0 2.21 18.2 6.0
g
>3
04 ¢
Mpi0.256
g on
Mpi=0.324
() , '
0 20 40 60 80 100
Time (min.)

Figure 8.53 Effect of initial moisture content on drying and comparison between experimental and
numerical results for com (top curves are normalized and bottom curves are actual
moisture content)
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Figure 8.54 Effect of initial moisture content on drying rate and comparison between experimental
and numerical results for com.
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Figure 8.55 Effect of initial moisture content on drying rate and comparison between experimental
and numerical results for com.
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Figure 8.55 shows the drying rate versus absolute moisture content which is not a good
approach for comparison of results. Because the moisture content of particles are
different, the best approach is comparison of drying rate versus normalized moisture
content which is shown in Fig. 8.56. The high drying rate for corn with a higher initial
moisture is clearly shown in this figure. At the initial stage, the difference in the drying rate
is more than the rest which again could be attributed to the dependency of diffusion

coefficient to the moisture content.
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Figure 8.56 Effect of initial moisture content on drying rate and comparison between experimental

and numerical results for com.

8.5 Effect of Hydrodynamic Modeling on Drying Characteristics

It has already been mentioned that most models in the literature used the two-phase theory
of fluidization in the hydrodynamic analysis of fluidized bed drying, regardless of the type
of material which was used in the drying process. In this work, however, we have
accounted different models for different types of materials. It may be interesting and
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instructive to find out how much the result of model predictions can change if we use only
the two-phase theory of fluidization instead of a more exact model in the hydrodynamic
analysis of bed.

Figures 8.57 and 8.58 compare the results of drying curves under two different types of
hydrodynamic models for wheat particles. The first model is the model which was used for
group D particles (and already discussed in chapter 6) and the second model is the two-
phase theory of fluidization. The figures show that there are considerable differences in the
results of drying assuming the two different models, even in the falling rate mode of
drying. As it can be seen, two-phase theory of fluidization underestimates the drying rate
of particles in the bed. This underestimation could be justified since this model
underestimates the amount of flow rate through the interstitial gas phase and predicts
much of air goes through the bubble phase. Since the contribution of bubble phase in mass
and heat transfer is less than the interstitial gas phase, therefore, the drying rate inside the
bed decreases. Also, the figures show that the difference in drying rate is more important
in the initial stage of drying.

o
&

Wheat, T=50 C, U=1.95m/s,
RH=13.4%,Wb=2.5kg, Tpi=6C

o
o o
DN B

Moisture content (grigr, d.b)
o
]

0.1
0.05 {
0 v v v v
0 20 40 60 80 100
Time (min.)

Figure 8.57 Effect of hydrodynamics modeling on the drying curve of wheat.
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Figure 8.58 Effect of hydrodynamics modeling on the drying rate of wheat.
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Figure 8.59 Effect of hydrodynamics modeling on the drying curve of com.
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Figure 8.60 Effect of hydrodynamics modeling on the drying rate of com.

Figures 8.59 and 8.60 compare the drying characteristics of corn particles under the same
hydrodynamic models used for wheat particles. As it can be seen, the results do not show
much difference between two different hydrodynamic models compare to the wheat
particles. This could be attributed to the physical properties of corn particles especially
diffusion coefficient which is lower than the wheat particles. Also, the other important
factor is the difference in the surface area of two types of materials. Because the diameter
of corn particles is almost twice as much as the wheat particles, the total surface area of
corn is much lower than that of wheat. Therefore, the effect of external parameters

become more negligible for corn particles.

8.6 Discussion and Conclusions:

A comprehensive mathematical model has been developed to simulate the drying of
particles in fluidized beds. The model uses physical and thermal properties of different
material available in the literature without using any adjustable parameters to fit the
experimental data. Two different materials (wheat and corn) were used in the drying
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experiments to obtain the complete experimental data for comparison with the model
predictions. The model exhibits very good agreement with various experimental results.
Error analysis between experimental results and mode! predictions of moisture content of
particles showed that the maximum relative error for wheat is less than 6% and for comn is
less than 5%. The mean relative error for wheat is less than 3% and for corn is less than
2%, which demonstrates the extent of reliability and accuracy of the model. The model has
no restriction for the ranges of operational conditions of fluidized bed, and any range of air
temperature or relative humidity could be used for prediction. From the experimental and
numerical data the following observation are made. The drying rate of biological material
is significantly influenced by air temperature. The effect of temperature is more critical
than other parameter and could reduce the drying time substantially. No significant effect
of bed hold-up, and gas velocity were observed on the drying rate in the falling rate
period. Particles with higher initial moisture content can present different patterns of
drying depending on their physical properties. For wheat particles where the diffusion is
only a function of the temperature, the effect of initial moisture content is not discernable.
For corn particles, where the diffusion coefficient depends on temperature and moisture
content, increasing the initial moisture content increases the drying rate and reduces drying
time. During drying, the moisture profile inside the particle shows the existence of
relatively large concentration gradients, while the temperature profile shows negligible
gradients. It was found that gas temperature gradient along the bed is initially important
when the moisture on the surface of particles is removed, and after that period the
temperature profile has a small gradient in the bed.

Observation of exhaust air humidity results shows that after rapidly increasing of gas
humidity at the initial stage, the humidity of gas is not changed very much for the rest of
drying period. The high humidity of gas at initial stage can be attributed to the fast
removal of surface moisture at the beginning of drying. After the removal of the surface
moisture, the rest of internal moisture cannot be removed easily because of low moisture
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diffusivity coefficient of material, causing a rapid decrease in the relative humidity of the
exhaust air. The low humidity of the exit gas can be considered as a good justification for
applying the recycling method. Since this exit gas has high enthalpy and low humidity, it
can be reused in drying process to reduce the amount of heating to the bed and
consequently increase the thermal efficiency of the drying process.

Hydrodynamic modeling of fluidized bed drying may be able to play an important role on
the drying process of particles even in the falling rate. Its importance depends on the
physical properties of particle and conditions of drying medium. Using two-phase theory
of fluidization for group B and D particles, underestimates the drying rate of particles in
the bed, therefore, it is not recommended to use in the modeling of these particle groups.
Instead, an appropriate model for each group of particles should be used to minimize the
contribution of hydrodynamic error in the final results.
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CHAPTERY
Methods for Increasing Thermal Efficiency of Fluidized Bed Drying

9.1 Thermal Efficiency

Fluidized bed drying, like other types of conventional convective drying processes, is one
of the most energy-intensive processes in industry. The efficiency of conventional drying
systems is usually low and it could be as low as 10% depending on the gas temperature
and other conditions. It is, therefore, desirable to improve the thermal efficiency of the
drying process to reduce the overall consumption of energy. The thermal efficiency of
drying process can be defined as [Giner and Calvelo, 1987]:

_ _ Energy transmitted to the solid
® ~ Energy introduced to the bed by gas
which can be expressed as:
o bW, =M )0, -1, ) (10.1)
=

puC, (T~ T, )r

In the light of numerical modeling and experimental results one could implement different
methods to increase the thermal efficiency of fluidized bed. Selection of specific type
depends mostly on the experimental conditions of drying. Two methods, which generally

are recommended for this purpose, are:

(1) recycling the exhaust air, and
(2) intermittency.

In the following, the results of implementation of these two methods on the drying system

are discussed.
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9.2 Recycling of Exhaust Gas:

As was found in the numerical predictions and experimental data, the relative humidity of
exit gas rapidly decreased after removal of surface moisture content of the grain, which
takes only few minutes after the onset of drying. This means that the exhaust gas, which
has enough enthalpy, can be recycled and reused for drying purposes. This recycling can
considerably reduce the amount of energy consumption in the drying system. Although
this method was already recognized and recommended in drying processes little
information is available in the literature regarding the details of its effect on the drying
performance. When the exit gas is introduced into the bed again, the inlet condition of
gas will change continuously because the exit gas temperature is continuously changing
and the drying process is in an unsteady state condition. So, it is important that the model

could handle variable inlet condition in the process of numerical simulation.

Usually total recycling of exit air is out of question since the air undergoes through a
closed loop cycle and humidity will reach to 100% which will terminate the drying
process. So for using the recycling method, one usually can recycle part of the exit gas
into the bed which is called partial drying. The other question that may arise is the
starting time of recycling. Should partial recycling start from initial stage of drying
(simultaneous recycling) or should it start later (lagged recycling)? This question is
important from this prospect that in the initial stage of drying the thermal efficiency and
the humidity of exit gases are high so recycling them may not necessarily increase the
overall efficiency. To investigate the effect of start time on the overall efficiency several
runs with different time lags have been performed. Numerical modeling showed that the
result for lagged recycling is not very much different from the simultaneous recycling
because the humidity of gas is decreased rapidly after a few minutes and practically this
time is very small compare to the total drying time. So, in the following, only the results
of simultaneous recycling are discussed.
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Figure 9.1 show the effect of recycling gas on the variation of moisture content of
material. The drying conditions for all runs are constant and only a percentage of recycled
gas was changed. Also, in order to find a common base for the comparison of different
recycling scenarios, it is considered that the initial moisture content of the particles to be
0.3 d.b. and the final moisture content to be 0.15 d.b. for all the runs. So, the drying time
is defined as the time required to bring the moisture content of material from 0.3 d.b. to
0.15 d.b. (dry basis).

T=50C, RH=13.4%, Mpi=0.3, U=1.95m/s, Wb=2 5kg, Ta=18C
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Figure 9.1 Effect of percentage of air recycled on the moisture content of particles.

As is evident in the Fig 9.1, increasing the percentage of recycled gas up to 60% of total
inlet gas does not change the drying time considerably (the increase time is about 3 %)
but the thermal efficiency increases considerably from about 13.3 % to 28.5 % (see Fig.
9.2). Recycling a greater percentage of outlet gas will increase the drying time faster than
before but also increases the overall efficiency of the system.
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Figure 9.2 shows the rate of increase in the thermal efficiency versus the percentage of
recycling gas. Increasing the recycling gas increases the efficiency of drying because
much of the outlet gas enthalpy can be reused. The trend of increase, however, is not

linear but close to exponential
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Figure 9.2 Effect of percentage of air recycled on the efficiency of drying.

T=50C, RH=13.4%, Mpi=0.3, U=1.95m/s, Wb=2.5kg, Ta=18C
130
110 +
£ w
70 4
50 + + + +
0 0.2 04 0.6 08 1 12
% Recycle .

Figure 9.3 Effect of percentage of air recycled on the drying time.
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Figure 9.3 shows the effect of recycling on the drying time. Up to about 60% recycling,
the drying time does not increase considerably, but later on, the drying time will increase
rapidly. Comparison of Fig. 9.2 and Fig. 9.3 shows that up to 60%, the slope of curve in
Fig. 9.2 is much higher than the one in Fig. 9.3. This suggests the advantage of using the
recycled gas in increasing the efficiency without increasing the drying time considerably.
This scenario can be better understood from Fig. 9.4 which presents the efficiency versus
drying time. As it is clear in the graph, the slope of the curve is much steeper at the low
recycling percentage. This means that initially, with a small increase of drying time due to
recycling, the increase in efficiency is much higher, but later on with increasing the drying
time (which corresponds to more recycling percentage) the rate of efficiency increase is
reduced.

T+50C, RH=13.4%, Mpi=0.3, U=1.95mvs, Wb=2 Sig, Ta=18C

0 50 Tme (min.) 100 150

Figure 9.4 Variation of time vs. efficiency when the percentage of air recycled increases

Figure 9.5 shows the effect of recycling gas on the relative humidity of the outlet gas.
The relative humidity at the initial stage is high due to the removal of moisture in the
surface layers, and it decreases sharply as the internal moisture diffusion controls the rate
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of drying. Clearly, the trend of variation in different recycling percentages changes
considerably.

T=50C, RH=13.4%, Mpi=0.3, U =1.95m/s, Wb=2 Sig, Ta=18C
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Figure 9.5 Effect of percentage of air recycled on the exit relative humidity of gas.
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Figure 9.6 Effect of percentage of air recycled on the drying rate of process.
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Figure 9.6 shows the effect of recycling gas on the drying rate. Initially, the drying rates
are very high, but they decrease rapidly with time. The most important differences
between the schemes are observed to be in the initial stage of drying. When there is no
recycling (Recy=0.0), the drying rate, initially, is very high, it, however, rapidly changes
and falls in a logarithmic fashion. With the introduction of the recycling air, the initial
drying rate is significantly reduced but the effect of recycling air on the rest of the drying
rate is negligible. This can be justified by the fact that in the beginning of drying the effect
of external parameters (like the humidity of air) are relatively important, but later on this
become ineffective. This is compatible with the fact that at the initial stage of drying,
moisture at the outer layer of particle is removed first and that the external heat and mass
transfer parameters are predominant. However, when the drying front progresses inside
the particle, the effect of the external parameters diminish.

RH=13.4%, Mpi=0.3, U=1.95m/s, Ta=18C
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Figure 9.7 Thermal efficiency as a function of inlet air temperature and bed height.



156

Figure 9.7 shows the effect of bed height (which for a fixed diameter corresponds to bed
hold up) on the thermal efficiency at different temperatures. Increasing the bed height
increases the thermal efficiency almost linearly. Also, increasing the temperature has an

important effect on the improvement of thermal efficiency.

9.3 Intermittency
The basic idea for operating the bed intermittently can be demonstrated by using the
variation of moisture content distribution versus nondimensional radius graph, as shown

in Fig. 9.8.
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Figure 9.8 Typical variation of moisture inside the wheat gran during the drying.

As it seen in Fig. 9.8, there is a strong moisture gradient inside the particle during the
drying process. This is due to the low moisture diffusion coefficient of the grain. The
existence of this gradient suggests that the moisture should migrate naturally from the
inner layer to the outer layer of particle and flatten the moisture distribution even if hot
air is not introduced into the bed anymore. Although a high temperature would accelerate
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this migration, it can also take place at low temperatures at a lower rate. This migration is
useful for drying purposes since it aids the drying process by bringing more moisture
close to the surface layer where it can be removed easier. To take advantage of the
moisture gradient it is required to stop the hot gas flow into the bed and let the particles
inside the bed undergo a rest period (tempering period). In the tempering period, the
moisture can move from the interior to the exterior where it is readily available for
evaporation. The purpose of the tempering process is to allow the moisture within the
kernel to be redistributed to eliminate the gradient. When this is accomplished, some of
the stresses in the exterior layers of the kernel caused by the rapid high temperature
drying process are relieved. This technique which is called intermittent drying reduces
some of the energy consumption and increases the thermal efficiency of the process.
Furthermore, the material can be protected against drying-induced stresses, shrinkage,
and cracking during the drying processes
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Figure 9.9 Prediction of drying curve in the intermittent scheme.

Figure 9.9 shows the moisture content versus time for intermittent drying of a wheat
particle. In this figure intermittency is 0.5, which means hot gas was introduced during
the “on” period (10 min.) and stopped during “off’ periods (10 min.). As can be seen
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from the figure, during the “off’ period moisture content is constant and then during the
“on” period it starts with high drying rate. This behaviour can be seen clearly in Fig. 9.10,
which shows the variation of drying rate versus time. During the “off period (tempering
period) the drying rate is zero and after introducing the air, drying rate has initially a high
rise and then a rapid fall. This initial rise in the drying rate is the result of migration of
moisture and its accumulation close to the outer layers during the off periods. Practically
the drying rate may be less than what is predicted if the particles during the off period do
not seal properly.

The increase in the moisture content of outer layers of particles is shown in the Figure
9.11. The solid lines are moisture distribution at the end of the “on” period where the
dashed lines are the moisture distribution at the end of “off’ period. It is shown that
intermittent drying allow gradual moisture redistribution inside the particle which tends to
level the moisture gradient by migration of moisture toward outer layer of particle.

Figure 9.12 presents the result of numerical prediction of outlet humidity for intermittent
drying. During the “off” period the humidity is constant since there is no drying and the
airflow is discontinued. In the “on” period the relative humidity starts with a very high
value and then rapidly drops down. This pattern is in accordance with drying rate pattern.

Figure 9.13 shows the resuits of the simulation of the air temperature (at H=2 cm) and
the temperature of particle surface during drying. Particle temperature stays constant
during the “off’ period since it is assumed that there is no heat transfer interaction.
Moreover, it is shown in this graph that both air and particle experience a sudden
temperature drop at the initial stage of “on” period. This can be justified by the fact that
high drying rate at this time require more heat for vaporization of moisture which is
supplied by the air, causing a temperature drop in the system. Like the drying rate, this
phenomenon is very short lived and after that the temperature increase rapidly to its
normal value. '
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Figure 9.10 Drying rate vs. time in the intermittent scheme.
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Figure 9.11 Predicted moisture distributions for intermittent scheme (solid lines are at the end of
“‘on” period and dashed lines are at the end of “‘off™ period).
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Figure 9.12 Predicted relative humidity vs. time in the intermittent scheme.
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Figure 9.13 Predicted temperature of grain and air at H=2 cm, vs. time in the intermittent scheme.

9.4 Discussion and Conclusion
The results of the two methods, which can be used to increase the thermal efficiency of
fluidized bed, are presented. The results show that partial recycling of the exit gas to the
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bed can increase the thermal efficiency of the bed considerably. The effect of recycling
the exit air on the thermodynamic condition of gas is the increase of relative humidity of
inlet air. Since the relative humidity effect is of secondary importance, the partial
recycling of air will not have a very important effect on the drying time. This can result in
a major advantage in the drying system because the enthalpy of recycled gas is not
wasted, and at the same time, the amount of heating supply to the bed is reduced.
Practical implementation of recycling approach is an easy task and it does not need
special equipment.

Intermittency is another approach that can improve the efficiency of the bed and the
quality of the products. In this approach, one can use the existing gradient of moisture as
a driving force for the moisture migration from the inner layer to the outer layer of the
particle. Increasing the thermal efficiency in this approach is limited and cannot be
improved as much as in the case of recycling. However, it should be noted that the actual
drying time, the time when particle is exposed to the hot air, (aerating time) is reduced in
this approach. For example for the conditions presented earlier, the increase in the
thermal efficiency is about 30% and the reduction in actual drying time (total of “on”
periods) is about 25%. Practical implementation of this approach is also an easy task and
can be done without using special equipment.

Another approach that could be used is the combination of recycling and intermittency.
There is no obstacle to apply both approaches simultaneously. This means that during the
“on” period of the drying, exit gas can be recycled into the bed. During the “off’ period
there will be no gas flow, therefore, recycling is not applicable. This approach has the
advantage of both the recycling and intermittency and it can be used if the extended
drying time is not a problem for the specific application.
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CHAPTER 10

Conclusions and Recommendations

Various aspects related to the hydrodynamics and kinetics of fluidized bed drying

systems has been studied and analyzed in this work. In this chapter, the main findings

from this work are summarized and the recommendations for future work are given.

10.1 Conclusions

The following conclusions have been drawn from the present study:

1.

Swirling induced distributor plate may affect the hydrodynamic characteristics of
fluidized bed and gas-solid contacting pattern. For group D particles, the effect of
swirling outlet is noticeable as the bubbles size inside the bed is reduced. For group B
particles the effect of the swirling outlet is only important in shallow beds.

Increasing the bed height or particle density decreases the effect of swirling induced
distributor on the hydrodynamics of the bed due to an increase in the static bed

pressure.

The general pattern of pressure drop versus gas velocity diagram for fluidization of
moist particles is different from those of dry particles. In the case of moist particles,
bed pressure drop may increase gradually by increasing the gas velocity above the

minimum fluidization velocity.

Increasing the moisture content of particles increases the minimum fluidization
velocity of particles due to increased adhesive forces inside the bed. This suggests
that in predicting the minimum fluidization velocity, the conventional balance of drag
with gravity forces is not fully applicable and that the effect of interparticle cohesive
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force caused by a liquid bridge between isolated capillaries must be taken into

account.

5. The type of correlation between minimum fluidization velocity and moisture content
may vary at different ranges of moisture content. For some ranges the correlation
might be linear but for some other ranges it may be nonlinear, depending on the

physical properties of material and the degree of liquid saturation.

6. Increasing the moisture content of materials in fixed bed conditions reduces the bed
pressure drop along the bed due to the creation of low-resistance microchannels in the
bed.

7. Since Ergun’s equation does not consider the effect of moisture content of particles, it
overestimates the bed pressure drop in the case of moist particles in the fixed bed.

8. A comprehensive mathematical model has been developed to simulate drying of
different particle groups in fluidized beds, considering the different hydrodynamics
models for each group of particles. The model also takes into account the contribution
of different phases inside the bed throughout the general form of partial differential
equations for each phase.

9. Results of model predictions exhibit a very good agreement with a large number of
experimental data obtained in drying of grains (wheat and corn) without using any
adjustable parameters (Average relative error 3%). The model is fully predictable for
fluidized bed drying of other materials in the fluidized bed with no restriction on the
range of operational condition such as air temperature and relative humidity.

10. The inlet air temperature has the most important effect on the drying rate of materials.
Increasing the inlet air temperature increases the drying rate of the material.



11

12.

13.

14,

15.

16.
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Increasing the bed hold up does not significantly change the drying rate of materials,
therefore, one can use as much material in the bed to increase the thermal efficiency

of drying, as long as fluidization is maintained.

Gas velocity has no significant effect on the drying rate of the materials in the falling
rate period.

The effect of initial moisture content of materials on the drying rate may vary for
different particles depending on the physical properties of the materials. For wheat
particles, where the diffusion coefficient is only a function of the temperature, the
effect of initial moisture content is not tangible. For comn particles, where the
diffusion coeficient depends on the temperature and the moisture content, increasing

the initial moisture content increases the drying rate.

The distributions of moisture and temperature inside the particle are highly dependent
on the mass and heat transfer Biot numbers. In the case of wheat and corn particles
with high mass transfer Biot number, there are large gradients of moisture
concentration contrary to the temperature profiles which are nearly flat due to a small
heat transfer Biot number.

Air temperature gradient inside the bed is found to be significant within a fairly short
distance from the distributor plate above which there is nearly uniform temperature
distribution in the bed.

The type of hydrodynamic modeling of fluidized bed drying may have an important
effect on the drying process of particles even in the falling rate. The degree of
importance depends on the physical properties of particle and conditions of drying
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medium. Using two-phase theory of fluidization for group B and D particles,
underestimates the drying rate of particles in the bed.

17. Partial recycling of exit air from the fluidized bed, up to 97 %, can be used in drying
process to increase the thermal efficiency. Although, recycling increases the drying
time due to increasing the relative humidity of inlet air, the rate of energy reduction is

much higher, and therefore, the overall thermal efficiency increases considerably.

18. Intermittent scheme can improve the thermal efficiency of the fluidized bed and the
quality of dried products. The amount of increase in thermal efficiency depends on
the intermittency scheme but it is usually lower than the recycling scheme.

10.2 Recommendations
For the future works in this area the following outlines are recommended:

1. Extending the mathematical model to consider the existence of heating surfaces

inside the bed and conducting the experiments for its validation.

2. Extending the mathematical model to consider the binary particles in the bed as the
heating medium and conducting the experiment for its validation.

3. Extending the mathematical model to simulate the steam fluidized bed drying and
conducting the experiments for its validation.

4. Extending the mathematical model for continuous fluidized bed and conducting
experiments for its validation.
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Conducting experiments to investigate the effect of recycling scheme on the drying
rate and the thermal efficiency of the bed and comparing them with the available

results of the mathematical model.

Conducting experiments to investigate the effect of intermittent scheme on the drying
rate and thermal efficiency of the bed and comparing them with the available results
of the mathematical model.

Considering the real shape of particles in the mathematical model by using the body
fitted coordinate and grid generation approaches.

Considering the effect of different scheme of discretization equations on the results of

drying process.

Using the two-phase flow theory for predicting the velocity flow field in the bed by

solving the Navier-Stokes equations.

Investigating the effect of swirling induced distributor plate on the hydrodynamics of
the circulating fluidized bed systems and other regime of fluidization.

Investigating the effect of vibration on the hydrodynamics of moist particles inside
the bed.
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